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ABSTRACT

Producing transportation and energy generation fuels and chemicals from abundant
resources of coal and natural gas has been steadily gaining popularity as the age of
conventional crude oil is nearing its end. Over the past decade oil prices have
skyrocketed and the involvement of international politics is becoming increasingly
problematic due to oil not being globally available including countries like
Pakistan as it majorly relies on imported crude for its major energy and
transportation needs. The use of this indirect coal liquefaction process of syngas
conversion and Fischer Tropsch synthesis can greatly benefit the country in terms of
low cost, cleaner fuel production and research in this area in Pakistan must be started

on an urgent basis.

In this study the effect of some of the reaction parameters were investigated with a
two-dimensional pseudo homogeneous tubular fixed bed reactor model for fischer
tropsch synthesis of syngas using cobalt/titania catalyst. The model was applied
using suitable kinetics and the initial operating conditions were taken from
experimental data. At first, the model was used to predict the general effects of
variation in catalyst activity, tube temperature and diameter. A hotspot problem for
all the three cases was noted as well as an increase in conversion and reduction in
Cs' selectivity so an optimized approach was considered. The reactor length was
divided into fifteen sections and the tube wall temperature of each section was
adjusted according to the axial temperature profile. As a result, nearly isothermal
condition was achieved axially while radial-wise, the temperature declined to close
to the set tube temperature of that section. Therefore the selectivity of methane

reduced and of Cs" increased significantly.
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Chapter 1
Introduction

1.1 Current scenario of Pakistan and the benefits of CTL

Pakistan, like most of the third-world countries is suffering from severe energy crisis
and inflated transportation fuel costs. The economy growth of the world’s seventh
populous country is nearly crippled due to continuous import of the precious crude oil
and unpaid debts both domestic and foreign [14]. Pakistan’s natural gas reserves are at
a threatening low level. According to 2011 estimates by CIA world fact book, the
total reserves are 670 billion cubic meters and annual consumption stands at 49.2
billion cubic meters and are expected to exhaust in nearly 20 years time [13,15].
Large shale oil and gas reserves have been recently discovered in the country but it
doesn’t have the budget to cover the expensive extraction and processing technology.
The fuel prices have increased six-fold from 1995 to 2012 (table 1.1) and diesel fuel,
which was cheaper than petrol 14 years back, is now 10 rupees more expensive today
and currently stands at PKR 118 whereas petrol is at PKR 108. Due to this most of the
local and inter-city and inter-province transport vehicles (excluding trucks and busses)
have converted their diesel-powered vehicles in to CNG, which ultimately shifted the
burden to Natural Gas. As of today the only fossil fuel that is abundantly available
and easily extractable is the massive coal reserves in the Thar Desert, Sindh with an
estimated 190 billion tonnes [1]. Coal/Gas to liquid technology (CTL&GTL) is one of
the most promising near future options to produce liquid fuels. This is a great
opportunity for Pakistan to use this technology for producing domestic and less toxic
transportation and power generation fuels in order to boost its economy. Research in
the country has been published only on one key component of the FTS technology,
i.e, catalysts [2,3]. The FTS reactor, being the second major component, is still under
R&D in some of the major universities of Pakistan and publishing is yet to be done.
The promotion of small scale CTL and GTL plants must be done in the country in
order to understand the potential that this technology can offer. Currently, the known
global reserves of natural gas and coal exceed the crude oil reserves by a factor of 2.5
and 25 respectively [4]. Throughout the world this technology is being gaining

interest day by day particularly for diesel production due to the following reasons:



e Abundant reserves of coal and NG.

e Diesel produced is virtually clean of sulphur and of relatively high cetane
number [5].

e CO; sequestration underground can reduce emissions

e Combustion of synthetic fuel produces less pollution [5].

e Synthetic diesel can be used in existing engines and is cheaper than
conventional diesel [6,7].

Table 1.1: Diesel price for the past 17 years in Pakistan [17]

Year Price (US$/litre)
1995 0.20
1998 0.19
2000 0.27
2002 0.35
2004 0.41
2006 0.64
2008 0.77
2010 0.92
2012 1.20

1.2 FTS Technology

1.2.1 History

For nearly a century, Fischer Tropsch synthesis has gone through extensive R&D and
it is now one of the most popular and major option for making clean transportation
fuels and chemicals. Due to the change in the environment and the depletion of oil
reserves, the world is shifting its energy requirements towards natural gas and vast
coal reserves and that’s why FT synthesis has gained importance [8]. During the
pioneering times of FT process (1925—1945), Franz Fischer laboratories in
collaboration with the Ruhrchemie Company helped to commercialise this process
and, in 1945, a 600,000t/yr capacity plant was erected [4]. Since that time there were
a lot of discoveries of large reserves coal and the FT synthesis became a major
importance in the first half of the 20™ Century, particularly for the Germans in the
Second World War. When the war was ended, developments of pilot scale facilities
were taken place in the US and South Africa. The original FT process was studied and
evaluated in the US Bureau of Mines after WW2 and it lead them to different and

improved processes such fluid bed, circulating catalyst, lurgi, etc. Then came the ‘Oil



Age’ (1955—1970) when large discoveries of oil fields in the Middle East, North Sea,
Alaska were made and the coal based FT process lost its ground to the ‘Big Oil’. But
in the 1970s during the oil embargo, when the world’s major oil producing countries
(OPECs) boycotted their export of oil to the western parts of the world, energy
programs in the US, Japan and Europe set their attention towards the production of
coal based fuels through FT synthesis. Since then, the world became aware that they
will run out of oil in the future and as of now the US, Europe and the countries in the
Arabian Gulf are the early ones gearing up in developing commercial FT process
plants integrated with refineries and coal/natural gas/biomass gasification/reforming

units.

1.2.1 FTS Definition and Reactions

FT process involves the catalytic hydrogenation of carbon monoxide to give clean and
ordered liquid hydrocarbon composition from syngas by the use of a catalyst that can
be supported or unsupported.

A combination of reactions in the fischer tropsch synthesis are shown in table 1.2 [9]
Main products are paraffins, the ratio used is commonly between 2 and 2.2 and the
reaction is said to be exothermic, (heat released= -165KJ/mol at room temperature).

In Water gas shift reaction, water produced by the FT reaction reacts with carbon
monoxide and produces hydrogen and carbon dioxide and this reaction is also said to
be exothermic (heat released = 41.2KJ/mol at room temperature).

The boudouard reaction emerges at very high temperatures when hot spots are formed

due to heat removed inefficiently. It generates coke on the catalyst surface making it

less active.
Table 1.2: Main and side reactions of the FT process
Main Reactions
1. Paraffins nCO +2nH,0 =» (CH2)n + nH,0
2. Olefins nCO + (2n+1)H; = H(CH3)nH +nH,0
3. Alcohols nCO + 2nH; =» H(CH2)nOH + (n-1)H,0
Side Reactions
1. Water-Gas shift CO + H,0 & CO, +H2
2. Boudouard reaction 2CO = C(s) + CO,
3. Methane CO +3H,; = CH; + H,O
4. Catalyst reduction & oxidation MOy + yH; < yH, O + XM
MOy + yCO &= yCO;, + XM
5. Carbide formation XM +yC = M,Cy
6. Overall stoichiometry of the CO+ (1 +(m/2n))H; = (1/n)CyHy + HO
reaction




Heat released = -170KJ/mol at room temperature (extremely exothermic). So it must

be avoided.

1.2.2 Process of a CTL Plant

A typical XTL (CTL/BTL/GTL) system consists of four main sections; synthesis gas
(CO+Hy) production, gas cleaning and upgrading, FT synthesis and FT product
workup (Figurel.l). In this chapter, FT synthesis is described on general basis.
Further details regarding FTS reactors and catalysts are discussed in chapter 2.

In a commercial SASOL CTL plant (Figurel.2), lurgi coal gasifiers produce syngas
with the help of steam and O, and with H,/CO ratio of 1.6--2.0, depending on coal
quality. The gas is purified and sent to FT reactors where products formed are mostly
the first three shown in the previous section. Cs to Cyo cuts undergo refining over
Ni(Cs/Cs) and Pt(C+/Cy) catalysts for increasing in octane number of gasoline. Of the
lighter cuts, methane is either reformed or sold, ethane and propylene are converted to
polyethylene and polypropylene. Rest of the olefins are oligomerised for diesel
production [4]. Current list of commercial FT plants in operation is shown in table 1.3
[10]. As shown in section 1.2.2, the main FT reaction is highly exothermic and the
heat released by the formation of monomers is higher than typical reactions in the oil
industry so this should be removed by attaining isothermal condition in the system
which is also one of the main focuses in this thesis.

Table 1.3: Commercial FT facilities

Company Country Capacity(barrels/day) | Raw material
Sasol South Africa | 150,000 Coal

Qatar 34,000 Natural gas
Shell Qatar 140,000 Natural gas

Malaysia 14,700 Natural gas
Shell Choren Germany 300 Biomass
Mossgas South Africa | 22,500 Natural gas
EniTechnologie Italy 20 Natural gas
BP USA 300 Natural gas
Rantech USA 1,000 Natural gas
Syntrol-Tyson foods | USA 5,000 Biomass




1.2.3 Process Conditions

Two kinds of processes are used for the synthesis at different temperatures. These are

the low temperature fischer tropsch (LTFT) and the high temperature fischer tropsch

(HTFT). The processes are summarized in Table 1.4 [6].

Table 1.4: Main processing conditions of FT synthesis

Parameter LTFT HTFT
Temperature(K) 450 — 533 540 - 620
Pressure(Bar) 12 - 45 Around 20

Main products Heavy oil, wax, diesel | Gasoline, light HCs

1.2.4 Reaction mechanisms:

The reaction mechanism of FT synthesis has been extensively studied by many

authors due to its complexity. Most of the researchers found this mechanism

involving a polymerization process including the steps initiation, propagation and

termination. Following shown are the three possible reaction mechanisms that are

proposed [11]:

Carbide mechanism: First found in the late 1920s it is still one of the
favourite mechanisms discussed in the research communities. Both carbon
monoxide and hydrogen are dissociatively absorbed on the catalyst surface
and carbon monoxide is hydrogenated to CH, and H,O. The absorbed CH, can
be further hydrogenated to CH3 or it can form bond with another absorbed
CnHm species, thus allowing chain propagation. Termination can occur by
reduction of the absorbed hydrogen to form alkanes or by beta- elimination to
form alpha-olefins.

Enolic mechanism: In this, hydrogen reacts with absorbed carbon monoxide
and forms oxygenated intermediates (CHOH-metal). Chain growth occurs by
surface condensation of two of these intermediates where water is eliminated
where as termination occurs by removal of hydroxyl group with the help of
hydrogen.

CO-insertion mechanism: This mechanism is the same as the carbide
mechanism in terms of forming alkyl metal species and chain termination.
However, the difference arises in the propagation step where the chain growth
occurs by direct insertion of the carbonyl intermediate (CO-metal) into the

carbon metal bond.



1.2.5 FT Crude, Diesel and Gasoline
Processing of FT crude and conventional crude oil is of nearly equal complexity but

due to the absence of nitrogen and sulphur compounds, FT crude processing is much
less hazardous (table 1.6) [12]. Furthermore, FT derived gasoline has a high octane
number in LTFT and has a high cetane number diesel production in LTFT (table 1.5).
A high octane number accounts for good anti knocking properties due to the presence
of olefins whereas a high cetane number represents good combustion quality during
ignition due to high amount of linear paraffins [4].

Table 1.5: Comparison of FT and Conventional diesel and gasoline

Property Crude oil High Temp. FT Low Temp. FT
RON 30to 60 68 42
Cetane number 57 55 75

Table 1.6: Comparison of FT crude with Conventional crude
Compounds Crude oil High Temp. FT Low Temp. FT
Paraffins Major >8% Major
Olefins None Major > 9%
Aromatics Major 5-10% <1%
Oxygenates <1% 5-15% 5-15%
Sulphur 0.1to 5% None None
Nitrogen <1% None None
Water <2% Major Major
1.3 Objectives

Based on the issues regarding the temperature in the fixed bed reactor and the
requirement of reduced methane selectivity and increased Cs* productivity, this thesis
focuses on a possible solution for maintaining near isothermal operation of the
reactor. For achieving this objective, a two-dimensional plug-flow model is applied in
for FT synthesis on a cobalt catalyst using finite difference method in MATLAB
software. The experimental work is divided into three sections.
1. Validity of the model with the bench-scale experimental results.
2. Upscale the model of single tube to the length of that found in a commercial
tubular reactor and study the effect of various parameters on conversion and

thermal stability of reactor.



3. Optimization of the reactor for axially isothermal operation and reduced

methane production.
Figurative flowchart of this thesis is shown below:

Results and
Discussion

|

Conclusions

Literature :
p— EX erimental
review fo— :

Introduction

Figure 1.1: Thesis flowchart

NATURAL GAS COAL
Natural Gas e - .
) Gas Purification | Coal Gasification
Reforming -

v

Fischer-Tropsch

> Synthesis
» Ethane,propylene
Auto-Thermal Separation of R
Reformer Products > LPG
A » Naphtha
Methane v
Upgrading
Hydro treatment — Wax
Hydro-cracking ———» Diesel

Isomerisation

Reforming > Gasoline
Alkylation

Figure 1.2: FT Process Scheme [6]



Figure 1.3: Secunda CTL SASOL[16]



SUMMARY

In this section the current scenario of Pakistan followed by the importance of the
implementation of CTL technology is reviewed. It can be of great benefit to utilize
this technology in a coal-rich country like Pakistan. FT synthesis has existed in this
world for nearly a century and there is a lot of development going on throughout the
globe in making this as an answer to crude oil depleted reserves. Syngas can either be
produced from coal or biomass gasification or by methane reforming and it is treated
in FT reactors to produce various types of hydrocarbons. Two types of process
conditions are applied, namely, LTFT for diesel and wax production or HTFT for
gasoline. A brief overall process description along with different reaction mechanisms
is also discussed. Comparison between FT synthesis and conventional crude oil is also
tabulated.



REFERENCES

[1]

[2]

[3]

[4]

[5]

[6]

[7]

[8]

[9]

[10]

[11]
[12]
[13]

[14]
[15]

I. Shahzad, Final Report Environmental Impact Assessment ( Eia ) For
Sinjhoro Block : Exploration Project, (2011).[www.ogdcl.com].

N. Ahmad, J.A. Anderson, Influence of Gold Promoter on Fischer Tropsch
Synthesis Over Col Al203 Catalysts ., (2013) 11-15.

N. Ahmad, S.T. Hussain, B. Muhammad, T. Mahmood, Z. Ali, N. Ali, et al.,
Effect Of The Reaction Conditions On Al-Pillared Montmorillonite Supported
Cobalt-Based Catalysts For Fischer Tropsch Synthesis, 8 (2013) 347-358.

M.E. Dry, The Fischer—Tropsch process: 1950-2000, Catal. Today. 71 (2002)
227-241.

C. White, D. Gray, Production of Zero Sulfur Diesel Fuel from Domestic Coal :
Configurational Options to Reduce Environmental Impact, (2012),
www.netl.doe.gov.
T.Tarka, Affordable, Low-Carbon Diesel Fuel from Domestic Coal and
Biomass, (2009), www.netl.doe.gov.

L. Van Bibber, E. Shuster, J. Haslbeck, M. Rutkowski, Baseline Technical and
Economic Assessment of a Commercial Scale Fischer-Tropsch Liquids
Facility, (2007), www.netl.doe.gov.

H. Schulz, Short history and present trends of Fischer—Tropsch synthesis, Appl.
Catal. A Gen. 186 (1999) 3-12.

M. Ebert, Process synthesis and design of low temperature Fischer-Tropsch
crude production from biomass derived syngas, (2013).

R. Luque, A.R. de la Osa, J.M. Campelo, A.A. Romero, J.L. Valverde, P.
Sanchez, Design and development of catalysts for Biomass-To-Liquid-Fischer—
Tropsch (BTL-FT) processes for biofuels production, Energy Environ. Sci. 5
(2012) 5186.

B.H. Davis, Fischer—Tropsch synthesis: current mechanism and futuristic
needs, Fuel Process. Technol. 71 (2001) 157-166.

A. de Klerk, Environmentally friendly refining: Fischer?Tropsch versus crude
oil, Green Chem. 9 (2007) 560.

Pakistan Natural Gas consumption [http://www.indexmundi.com](2014)
Pakistan Energy Data [http://www.eia.gov](2014)

Energy Sector of Pakistan [http://www.cia.gov](2014)

10



[16]
[17]

Secunda CTL Plant [http://member.zeusintel.com](2014)

Diesel Prices [www.indexmundi.com](2014)

11



Chapter 2
Literature Review

2.1 FT Reactors

Certain variables are critically important for achieving high results from the reaction.
High temperature increases the formation of methane as well as carbon deposition on
the catalyst and thus deactivating it at a faster pace. It also favours more production of
lower molecular weight hydrocarbons or Olefins (C;—C,4) which is also a menace to
tackle when your major consideration is towards the yield of gasoline and diesel fuel
for transportation. It is, therefore, important for the process to be isothermal, a
condition that cannot be easily obtained due to the highly exothermic hydrogenation
of Carbon Monoxide. Different reactors were studied, built and commercialised for
the FT synthesis[1]. The major commercial reactors used today are discussed in the
following sections.

The Reactor to be chosen also depends upon the type of catalyst used e.g., Fluidized
Bed reactors use dispersed Iron catalyst in HTFT process and bubble column or fixed

bed reactors use Cobalt supported catalyst in LTFT Process.

2.1.1 Two-phase Multi-tubular Fixed bed Catalytic reactors (MFB)

These reactors are the first and the oldest type used in process industries. The basic
phenomenon is a gaseous reaction taking place on a solid catalyst bed. They were first
commercialized in 1955 by SASOL and at that time four of them were built for LTFT
synthesis (ID=5cm, L=12.8m, 230°C, 27 bars), each with a 21,000 t/year
capacity[2,3]. Later, a modified one was installed using 45 bars of pressure. Shell
erected a 12,500 bpd FT plant consisting bigger MFB reactors and utilizing cobalt
catalysts[2]. MFB reactor still holds the advantage of having highest catalyst loading
(thus, highest productivity potential) per reactor volume. It can be easily scaled-up
from micro to commercial level. Wax product can be easily separated from catalyst
and, lastly, only the catalysts near the reactor inlet are affected by impurities.
Nevertheless, its major disadvantage is the inefficient heat removal due to transfer
limitations[4]. Also, reactor gets bulky when exceeding over 10,000 tubes, increasing

its weight as well as complexity and cost. Moreover, short diameter tubes, higher gas

12



velocities and small particle size produce significant pressure drop across the reactor
so the particle size of 1—2mm range is acceptable enough to avoid it[5].
Additionally, certain amount of difficulty arises when loading or unloading the
catalyst in the tubes. Higher diameter tubes used commercially produce a hot spot,
thereby, producing more methane and reducing catalyst life. So feed and tube
temperature is kept low, which results in less liquid production[4]. Diagram of FT

reactors are shown in Figure 2.1.

Gas in
Steam Heater
Steam Out
Steam Collector Waterin
Shell Tube

]| GasOut

/

Liquid Products

Figure 2.1: Multi-tubular Fixed-bed (MFB) Reactor

2.1.2 Two-phase Fluidized-bed Reactors

Unlike the fixed bed reactor, fluidized bed reactor contains the catalyst in a fluid state
that can either be suspended in an inert liquid or in a gas flowing through the reactor.
These reactors allow better access to a catalyst as their particles are continuously
mixed with in inert liquid or gas flow thus allowing maximum possible surface area
for the reactions to occur[5]. Due to the fluidized state of the catalyst bed, these

reactors face much less heating issues than fixed bed as there is a much better heat

13



transfer which results in reduction of different heat gradient build-ups that, on the
other side, happens on the fixed bed reactor due to the catalyst being immobile.[4]
Also, the catalyst can be removed for regeneration or replacement without shutting
down the reactor. Like the fixed bed, this reactor can also operate under near-
isothermal conditions. There are three types of reactors in this category:

1. Circulating-Fluidized bed (CFB).

/
Gas Out
Cooling Coils
Hopper l
Catalyst \ ',E /
4
f
Reaction Chamber y
Standpipe ||
i
!
. :
Side Valve H
= Gas In

Figure 2.2 Circulating Fluidized-bed (CFB) reactor.
The feed enters from the bottom and meets the downward moving hot catalyst
(through vertical stand pipe) and enters the hot zone (reaction) where it encounters
several heat exchangers to remove unwanted heat. Then comes the hopper section
where the low velocity allows the catalyst particles to break-up from gas stream and
falls down in the hopper for cycle continuation. The remaining fine catalyst particles
are removed from the stream via series of cyclones (figure 2.2)[6]. These were also
built by SASOL and commercialised as HTFT synthesis reactors along with MFBs.

These reactors are very complex to build and require excessive amounts of catalysts

14



for circulating. As a result, erosions in different parts of the reactor occur. SASOL
first commercialised them in the 1950s for HTFT synthesis. Later they installed 2"
Gen. CFBs with increased capacities[2].

2. Fixed Fluidized-bed (FFB).

Product Gases

Cyclones

Fluidised Bed

Steam Water

Gas Distributer

Feed Inlet

Figure 2.3: Fixed fluidized bed (FFB) Reactor

The feed enters a vertical cylindrical from the bottom, beneath the bed on which the
catalysts are residing. Heat is exchanged via tubes inserted in the reactor and the
produced gas leaves from the top (figure 2.3)[6]. FFBs, also known as SASOL
Advanced Synthol (SAS) reactors, were first successfully commercialised in 1989 by
SASOL who later replaced their 2" Gen. CFBs with FFBs. These steps were taken
due to some major advantages of FFBs over CFBs.

1. Smaller size needed for same capacity so nearly 40% less construction costs

than CFBs.
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2. Since these reactors are wider than CFBs, their capacity of production can be
increased by introducing more syngas and cooling coils.

3. Carbon deposition on the catalyst surface is of lower extent in FFBs than in
CFBs so less fresh catalyst is required for maintaining conversions.

4. Velocity is linear in FFBs where as it gets higher in the narrower section than

in the wider section of CFBs.

2.1.3 Three-phase Slurry Bubble Column Reactors (SBC)

A diagram of Slurry Bubble Column (SBC) reactor is shown in figure 2.3. These
reactors are a modification of a normal bubble column reactor and are used for gas-
liquid-solid slurry reactions. The basic construction consists of a vertical cylindrical
column in which the gas is introduced from the bottom and causes a turbulent stream
to obtain optimum gas exchange. The slurry can be parallel or counter flow to the gas.
Like the fixed bed reactors, they are also used for LTFTS[7].

Products

'

Slurry Bed

Steam LA N Water

Wax

A V4

Gas Distributer

Feed Inlet

Figure 2.4: Slurry bubble Colum (SBC) Reactor
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Fine particle sized catalysts are used thus resulting in negligible mass transfer
limitations so better selectivity and activity can be achieved[3]. They have a higher
average temperature than MFBs and good catalyst utilization. SBC design was first
tested in the 1950s and the reactor was first commercialized in 1993 by Sasol
(Dia=5m, 22m length, 2500bpd), and then by Exxon mobil (Dia=1.2, 200bpd) and
again by Sasol and Qatar petroleum joint venture (70,000bpd). These reactors have a
number of advantages over the fixed bed reactors, the main being:

1. Catalyst used = 1/3 of that used in MFB with better performance and higher

average temperature.

2. Good temperatures control of the reaction same as the fluidized bed.

3. Higher production capacity than MFBs
Major disadvantage of SBC and the other two fluidised bed reactors is that if a
poisoned gas is entered, then it will damage the entire catalyst bed. Moreover, the
separation of wax from the catalyst and the industrial scale up are still a major
problem in commercialization of SBCs. Some of the models are published recently
that may help in scale-up[8,9].

2.2 FT Catalysts

Commonly known as the workhorses of chemicals transformations, catalysts are the
primary source for accelerating a chemical reaction rate. It has a basic phenomenon of
forming bonds with the reactant molecules, allowing them to react for forming
product and then disengaging from the products for another round. Catalysts enjoy the
advantage of providing a new reaction path that has lower reaction initiation energy
than the un-catalyzed path, thereby increasing reaction rate without altering the
overall reaction’s energy of activation. The catalytic reactions can either be of
homogeneous, heterogeneous or auto-catalytic types. The basic difference between
the first two is of same phase (homo) and different phase (hetro) whereas auto-
catalysis occurs when one of the formed products is itself a catalyst thus explaining
the fact that the reaction of this type starts very slow as compared to the other two
types and then gradually increases as more and more of the product (for catalysis) is
formed.

Like for most of the other major chemical reactions carried out around the globe,
catalysts are the cornerstone of the Fischer Tropsch synthesis and the heart of its

reactors. The catalyst contains the material that is catalytically active. There are many
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aspects that are needed to be considered during catalyst preparation such as chemical
stability, mechanical strength, intra-particle thermal and diffusion resistances, particle
size distribution, large scale production. These catalysts are sensitive to reactor
operating conditions, especially the operating temperature, that affects the chain
growth probability of products on the catalyst surface due to the shifting of desorption
and hydrogenation rates[2,7]. Only the group 4 metals Co, Ni, Fe, Ru are active
enough for this synthesis and commercially, dispersed iron catalyst and supported
cobalt catalyst are being used because of Ruthenium being expensive (Table 1) and

Nickel having a major drawback of high methane and volatile carbonyls

production[10].
Table 2.1: Activity and price compared to Iron
Fe Co Ni Ru
Mass 55.85 58.93 58.69 101.07
Price 1 240 130 78,000
Activity |1 250 150 140,000

2.2.1 Iron FT Catalysts

Iron is an effective, cheap and can be easily obtained but it has a major disadvantage
of poor selectivity and activity. In order to enhance this, the iron catalyst undergo
chemical and physical modifications by applying special additives, e.g. to decrease
the catalyst deactivation rate and increase its selectivity, the catalyst is modified by
introducing promoters that can either enhance its chemical stability or its mechanical
strength or both at the same time. Promoters can be added to the catalyst via
impregnation method using a salt solution. Commercially used promoters for this
catalyst are copper and K,O[11]. They do not affect the products formed but lower
carbon sintering and also enhance the activation rate of the catalyst. Another aspect of
iron catalyst is its high activity towards the WGS reaction inside the reactor. Since
this reversible reaction is mainly responsible for balancing the H2/CO ratio, the ratio
less than 2 can be used in case of iron catalysts. Therefore, an upstream WGS reactor

IS not necessary[12].

2.2.2 Cobalt FT Catalysts
Cobalt catalyst usually requires itself to be highly dispersed on a ceramic support that
further complicates its preparation and characterisation due to the metal being

expensive. Without the supports, these catalysts have short life and high carbon
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sintering problems. The most common supports used are alumina (Al,O3) and silica
(SiO2) on a commercial scale where as Titanium Oxide (TiO4) and the recently
discovered silicon carbide (SiC) and Zirconium Oxide (ZrO,) are being currently
investigated on a lab scale[13]. Promoters used in these catalysts have a primary
function to strengthen the interactions between the metal and the support so as to
protect it from carbon sintering. Other than this they also have influence on the
product selectivity (hence, the yield), reduction temperature and deactivation rate.
Being 250 times more active than iron, these catalysts are also highly resistive to
corrosion by water or oxygen than iron. They also require fewer or smaller reactors
than required by iron for the same product volume. However, they do have the
disadvantage of producing volatile cobalt carbonyls at low temperatures and high
pressures and also of producing more methane gas at high temperatures[14]. Also
cobalt has little to no WGS activity and thus mandatorily requires an upstream WGS
reactor. This catalyst produces more diesel than gasoline and is favourably used for

slurry bubble column and fixed bed reactors or for LTFT synthesis[2].

2.2.3 Impact of Water on Cobalt and Iron Catalysts:

For an iron based catalyst, the partial pressure of the water accounts for a negative
impact on the rate of CO conversion as well as it increases the oxidation of the
catalyst surface due to water not allowing hydrogen to adsorb because of hydrogen’s
weaker adsorption power[15]. For cobalt, however, the scenario is different where
water does not negatively influence the CO conversion. Still it is necessary to remove
water as it is a product of every hydrocarbon, especially in the case of some recycling
of the products otherwise there will be a water build-up that will decrease the partial

pressures of CO and H, and, hence, reduce conversion[16].

2.2.4 Methods for Catalyst Preparation
The principal catalyst-preparation technique involves two stages. First, the metal-salt

component is dispersed into a finely divided form on a support and secondly;
conversion of the supported metal salt to a metallic or oxide state via heat treatment
process. The first stage is achieved by impregnation, adsorption from solution, co-
precipitation, or deposition, while the second stage is a thermal treatment in either an
inert atmosphere or an active atmosphere of either oxygen or hydrogen(reduction).
Calcination/reduction does cause major problems in catalyst preparation on a large

scale, but it can be safely concluded that the metal’s degree of dispersion will remain
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unchanged during treatments once it is restrained on the support. The primary aim of

the highly dispersed form is highly active form when expressed as a function of the

Table 2.2: Comparison between iron and cobalt catalysts
Factor Iron Cobalt
Selectivity Good 250 times that of iron

Single pass conversion

Low hydrogen content

Resistance against

contaminants

More than one reactor needed for
high conversion

High WGS activity, WSG reactor
not necessary

Highly resistant to sulphur

65-75 % conversion can be
achieved

Low/no WGS activity, WSG
reactor is mandatory
Requires a cleaner gas than

does iron

Resistance against water

vapour

Water vapour inhibits FT reaction and influences the catalyst

depending on the catalyst type

Partial pressure of water

Operation mode

Negative impact, water extracted
before enterance
Harsher and

more severe

conditions favourable for Fe

Water should be extracted
when in recirculation mode.
Less harsher and less severe

conditions as selectivity is

higher at lower temperatures.

Stability Life of roughly 7 months under optimized conditions

weight of the active component so that the metal can be utilized safely if it is a rare or
an expensive metal to be used. Base-metal catalysts use support primarily for
improving stability by achieving suitable interaction between the active material and
the support. A summary of the most widely used techniques is given below.
1. Impregnation:-

This process involves filling the pores of the support with the solution of the metal
salt that can either be sprayed or added drop-wise on the support in powder form till
the point when the supported powder almost becomes like a paste. Although this type
of execution practice looks simple the phenomena inside impregnation and drying is
too much complicated as it requires careful control of temperature and time of drying
and metal loading rate. Moreover, the interactions, prior to the drying, are weak so
redistribution of the metal occurs during drying and heat treatments. Also, the
supports have different points of zero charge (PZC) so electrostatic interactions along
with pH of the metal solution also responsible for affecting the homogeneous

distribution. If the solution’s pH is lower than PZC repulsion between the metal ions
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and support will occur therefore, non-homogeneous distribution. If the pH is higher
than PZC, the result will be vice-versa. However, the support will face dissolution in
the impregnating solution at higher pH values[17,18].

2. Co-precipitation:-
This method produces an intimate mixing of catalysts and support. The solutions of
metal and support precursors are mixed to produce precipitated support gel containing
the metal hydroxide. This precipitate, when calcined, produces a refractory support
with active component dispersed throughout the bulk as well as at the surface. This
type of technique is very popular in making iron based catalyst but little research has
been done on cobalt. Co-precipitation of cobalt-alumina catalyst has been performed
by Khassin et al[19] and Chen et al[20]. Addition of small amount of Mg or Zn
improved reducibility and heavy cobalt loading on ZrO, improved reaction rate.

3. Deposition precipitation:-
Deposition is process performed in the liquid phase by the deposition of a metal
solvent onto a suspended support with careful introduction of the precipitating agent.
It has the same advantages of Co-precipitation regarding size distribution and
dispersion and it also reduces the risk of bulk compounds of support and metal phase.
This technique is used for preparing cobalt catalysts with high metal loading and high
dispersion on the oxide supports and on carbon nano-fibres that are studied
extensively by Burattin et al[21,22,23], Geus[24] and De Jong at al[25].

4. Sol-Gel method:-
This method is mainly used for improving surface area, porosity and particle size and
is greatly considered over incipient wetness impregnation in case of high metal
loadings[26]. The end results are highly depended upon the preparation procedure.
One such procedure on cobalt-silica catalyst starts with dissolving required quantity
of metal precursor solution in ethylene glycol and, afterwards, addition of tetraethyl
ortho-silicate and vigorous stirring and heating for achieving homogeneous solution.
Form-amide or poly-ethene glycol were added during this time as pore modifiers,
followed by reducing temperature to room condition and drop-wise addition of water
and ethanol. After that, hydrolyzing of sol was done at T>353K for 40 h for gel
formation. The gel, then, underwent drying and heat-treatment for 15hr at 823K. In
the end, it was reduced in hydrogen for 15 hr. TEM showed even dispersion of Cobalt
particle size of 3—5 nm[27]. Different sol-gel methods were published
afterwards[28,29].
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5. Monolithic coating:-
Generally three types of monoliths can be used; cordierite, y-Alumina, and steel[30].
These include long parallel channels separated by thin walls (cordierite or y-
Alumina). Coating of cobalt species can either be done by co-impregnation or
deposition precipitation[31]. They have major advantages of reducing pressure drop

in large scale commercial reactors and reducing mass transfer limitations[32,33].
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SUMMARY
Reactors used in the FT synthesis are discussed along with their advantages and
limitations. Fixed bed reactors are the oldest type and still hold the advantage of high
productivity and high catalyst life but has a drawback of inefficient heat removal.
Slurry reactors have advantages completely to opposite of fixed beds. Cobalt is 200
times more active than iron but is expensive and thus needs to be efficiently and
highly dispersed. Ruthenium and Nickel are rare metals therefore they cannot be
suitable for commercial applications. Catalyst preparation methods have also been

elaborated.
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Chapter 3
Review on Reactor Modelling and
Methods

3.1 FT Fixed-bed Reactor modelling
The details regarding the model equations and catalyst kinetics are given in chapter 3.

Reactor modelling does play a pivotal role in scaling up to the industrial levels. It
helps researchers to study and compare the basic trends of the process and predict the
best possible operating parameters for higher yield of the desired products. However,
research published on fixed bed reactor in case of FT synthesis is considerable. Table
2.3 summarize some of the published works on FT fixed bed reactor modelling. The
optimizations were mainly performed for improving liquid (Gasoline/ Diesel)
productions and some of the published work was done on discussing the main trends
in HTFT and LTFT synthesis.

Altogether, there are two main reactor models used for reactor simulation.
Homogeneous model assumes there is only one phase throughout the reactor tube
length whereas heterogeneous model includes two different phases, gas-solid or liquid
solid. Both models can one or two dimensional variations types. In one dimensional,
the process variation is simulated across the reactor length whereas two dimensional
adds the radial variable along with axial variable. One dimensional homogeneous
model is accurate enough to give the general idea about the reactor behaviour. For
higher accuracy 1D heterogeneous, 2D homogeneous and 2D hetero generous model
are applied. However, too much computational work is required for heterogeneous
model so the 1D and 2D homogeneous models are used[1,2,3].

As mentioned in earlier (Chapter 1), research regarding FT technology has only been
conducted on the development of catalysts in Pakistan. Modelling, simulations and
designing of an FT plant has not been published from the country as of yet. Therefore,
in this thesis, a 2-D homogeneous model on a fixed bed reactor is developed in
MATLAB via finite difference method for simulating the main trends. Furthermore,
an optimization was applied to the model for controlling its axial temperature

variation.
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Table 3.1: Recent works published on Fischer-tropsch reactor modelling [4,5,2,6,7,8]

Author, Journal, | Title Objectives Results

Year

A. Jess, R. Popp, | FT synthesis with | Study the | Nitrogen helps in
K.  Hedden,Appl. | nitrogen-rich performance of | removing the heat

Catal. A. 186 | synthesis gas: | nitrogen-rich from the reactor
(1999) 321-342. Fundamentals and | syngas using a 2-D | and also increased
reactor design | pseudo the diesel/wax

aspects. homogeneous production.

model.

R. Guttel, T. Turek, | Comparison of | 1-D models of | SBR has a higher
Chem. Eng. Sci. 64 | different reactor | MFB and SBC | productivity than
(2009) 955-964. types for  low | were studied. FBR but has a
temperature major disadvantage
FT synthesis: A of wax-catalyst

simulation study, separation.
M.H Rafig, H.A. | Experimental 2-D pseudo | High GHSV leads
Jakobson, Fuel | studies and | homogeneous to lower syngas
Processing modeling of a fixed | model was studied | conversion and
Technology bed reactor for FT | using synthesis gas | higher C5+
92(2011) 893—907 | synthesis using bio- | and bio synthesis | selectivity. Larger
synthesis gas. gas. diameter tube
produces more

CH4.

M. Bayat, M.R. | Boosting the | Enhance  gasoline | Enhancement  of
Rahimpour, J. Nat. | gasoline production | yield using an | upto 40.91% for
Gas Sci. Eng. 11 | via a novel | optimized gasoline and
(2013) 5264 multifunctional multifunctional reduction of 75%
Fischer—Tropsch fixed bed reactor |and 34.6% in
reactor: Simulation | model on  iron | methane and
and optimization catalyst with the | carbon dioxide

help of differential
evolution

yield was achieved.

algorithm.
N.A. Momnov, | 1D heterogeneous | Reduce overheating | Less than 18mm
L.M. Kustov, | model of a FT |and increase | inner diameter is
Catal. Ind. 5(2013) | synthesis  reactor | conversion by | required for normal
223-231 with a fixed | determining the | conversion and less
catalyst bed in the | optimum tube | than 12mm for
isothermal granules | diameter. high conversions.
approximation
S.K. Mazidi, M.T. | Optimization of FT | Maximized yield | Cs" production
Sadeghi, Chem. | process in a fixed | using combination | increased with
Eng. Technol. | bed reactor using | of non-uniform and | combination of

36(2013) 62-72

non-uniform
catalyst

uniform
catalysts.

shaped

eggshell & surface
layered catalysts.

28




3.2 Software and Method for Simulation
The major software that are used for optimization of Fischer-Tropsch synthesis,

especially MFB reactors are FLUENT, Aspen plus and MATLAB. In this thesis,
modelling is performed using finite difference method in MATLAB (developed by
MATHWORKS inc) which is a fourth generation programming language and
interactive environment that is used by over a million industrial, research and
academic users of engineering science and economics backgrounds. It is easily
accessible, free to download (Aspen and FLUENT require purchasing) and can be
used for optimization and many more purposes as it is primarily developed for
numerical computing. FLUENT is mostly used for more complex estimations and
simulations and is mainly considered for computational fluid dynamics ASPEN plus
is used for detailed simulations and total plant designing and cost analysis. Following
tables show the software used by some of the researchers for reactor modelling and
plant design simulations.
Table 3.2: Recent work on reactor simulation using MATLABJ2,9,10,3]

Author Title Software
Rafig and Jakobson Experimental studies and | MATLAB, Finite
modeling of a fixed bed difference method

reactor for fischer-tropsch
synthesis using bio-syngas

Arabpour et al. Evaluation of maximum MATLAB, Differential
gasoline production of evolution algorithm
Fischer—Tropsch synthesis
reactions in GTL
technology: A discretized
approach

Emrani et al. Modeling and MATLAB, Genetic
Optimization of Fixed-Bed | algorithm.

Fischer-Tropsch Synthesis
Using Genetic Algorithm,

Park et al. Modeling of a pilot-scale MATLAB, Finite
fixed-bed reactor for iron- | difference method
based Fischer—Tropsch
synthesis: Two-
dimensional approach for
optimal tube diameter
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Table 3.3: Work on FT synthesis published using FLUENT[11,12]

Author, Year

Title

Software

M. Irani, G. Division, 55
(2013) 82-92.

Modeling of fischer —
tropsch synthesis packed
bed reactor for producing
liquid fuels from natural
gas,

ANSYS FLUENT,
Computational Fluid
Dynamics.

Andrey A. Troshko
ANSYS Inc., Fluid
Business Unit, USA,
(n.d.).

CFD modeling of slurry
bubble column reactor for
Fischer-Tropsch synthesis

ANSYS FLUENT,
Computational Fluid
Dynamics

Table 3.4: Work on FT plant design using ASPEN Plus[13,14,15]

Author Title Software
Mario R. Eden, Auburn Modelling of Gasification | ASPEN plus
University and Fischer tropsch
processes
M. Elbert Process synthesis and ASPEN plus
design of low temperature
Fischer-Tropsch crude
production from biomass
derived syngas.
Gerald N. Choi Simulation models and ASPEN plus

designs for advanced
fischer-tropsch
technologies
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SUMMARY

Recent work published regarding reactor modelling and process simulation and
optimization using different software are discussed in this chapter.
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Chapter 4

Experimental Modelling and Validation

4.1 Development of the Reactor Model
4.1.1 Methodology
A two dimensional steady-state pseudo homogeneous model was chosen to simulate
the basic trends and effect of change in different parameters on the reactants’
conversion and product yield. The following assumptions were made:

1. Non isothermal condition due to noticeable change in reactor.

2. 2-D plug-flow gas-liquid system without radial concentration gradients.

3. Axial dispersion of mass and heat were neglected.
Radial concentration gradients are neglected. The main FT reaction rate on
Cobalt/Titania catalyst by Zennaro et al. [1] is taken for this study which is a simple
langmunir-hanshelwood (L-H) rate form. The equation is the same as that derived by
Yates and Satterfield [2] with a minor difference of having a power of 0.74 on Py, in
the numerator. Since the catalyst used was cobalt no water-gas shift reaction is taken
into account due to cobalt catalyst’s negligible in-situ WGS activity and the H,/CO
ratio taken in this study being 2. This ratio used is the one that is obtained from
Sasol’s lurgi coal gasifiers. Since C; and C, compounds deviate from the ASF theory,
the chain growth probability factor, alpha-value, was used for higher HCs whereas
individual rate laws were given for the compounds mentioned above. The temperature
dependant constants were calculated according to the experimental results and the
energies of activation were taken from the available literature [2,3,4]. The mass and

energy balance equations can be written as follows:

Mass balance:

1) Ca _ ausv 6,Dg
UspPg SL nga SL + Causv 5L "mPB (1)

Energy balance:

8T 1 8T &8°T
usvpgcp E = (_AH)pBTm + Aefr- (; . g + ﬁ) (2)
Overall Pressure Drop (Ergun law):
8P . pu¥
“w= T 3)

Change in density and superficial velocity were calculated by:

34



‘Sﬁzﬂ.(l.‘s_”_i.‘sl) (4)

oL R \T 6L T? 6L

Su u ép

SR =m.od (5)
SL p 6L

Boundary conditions:
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Main kinetic equation used in this study:

P0.74P
__ afg, Fco (9)

m = Webpo)?

Component and mixture heat capacities were calculated using equations derived by
Poling [5]. The overall heat transfer coefficient equation was taken from the co-
relations used for 2-D model [6]. The effective radial thermal conductivity was
calculated from equations derived by Forment [7]. The superficial gas velocity was
obtained based on overall mass flux and gas mixture density. Finite difference method

was applied. MATLAB’s ODE solver was used to conduct the numerical simulation.

Overall Heat transfer coefficient:

1_1,4,,%
U aW+2/'LS In d; (10)

Effective radial thermal conductivity:

1/3
Rep+Pr /

Aefr = A9 +0.1111, - > (11)
1+46(%)

Where

2%, =& (A +0.95 + ap, +d,) + 0951-2) (12)

2/(3:2)+1/(10-g-ars-dp)

Is the thermal conductivity of the catalyst bed without any fluid and oy, and o are:

_ 0.8171+(T/100)3
Uru = (1+s/2(1—e><(1—p>/p>) (13)

a,, = 0.8171 (ﬁ) (T/100)3 (14)

Where p is the emissivity of catalyst, assumed to be 0.8 and A; is the catalyst thermal
conductivity taken as 0.875 kW.m™.K™ for cobalt based catalyst [8].

The a-value is calculated from equation derived by song et al [9]:
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2
In er1 — nin(a) + In A-a) (15)
Selectivity can be calculated by[3]:
S, =n(l—a)?a™?! (16)

4.2 Catalyst Preparation

4.2.1 Method Outline

Un-promoted Cobalt metal was used on TiO; support. The preparation method chosen
was a two-step incipient wetness impregnation. The required weight of metal was
11%. The properties of metal precursor and the support powder used are shown in the
following tables

Table 4.1: Properties of active metal precursor

Property Cobalt nitrate hexa-hydrate
Molecular formula Co(NO3),.6H,0
Molecular weight 291.03 g/mol

Solubility in water 103.8g/100ml (25°C)
Melting point 55°C

Boiling point 74°C

Table 4.2: Properties of oxide ceramic support

Property Titanium Dioxide

Molecular formula TiO,
Molecular weight 79.866 g/mol

Density 3.78 glem®, (4.23 g/ cm® at
heating above 600°C)

Melting point 1843°C

Boiling point 2972°C

4.2.2 Calculations

Weight of the catalyst = 5¢g

Weight of support (89%) = 4.45g

Weight of metal required = 0.55g

For cobalt:

58.93 g cobalt in one mole of Co(NO3),.6H,0
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0.55 g of cobalt requires = (291.03%0.55) / 58.93 = 2.48 g Co(NO3),.6H,0

4.2.3 Apparatus

1.

2
3
4.
5
6
7

100mlI beaker.

. Weight balance.

Hot plate.

Mechanical stirrer.

. Oven.

Muffle furnace.

. Crucibles.

4.2.4 Preparation Procedure

1.
2.

© N o g &~ w

9.

Treat the required amount of support powder at 650°C for 6hrs.

Dissolve the half of the required amount of metal precursor in distilled water
having weight ratio of 1:10 (precursor: distilled water).

Pour the treated support powder in the solution.

Stir the solution containing support powder for 30 to 45 minutes vigorously.
Set the evaporation temperature between 80 and 100°C.

After 80% evaporation, stop the stirrer and let it evaporate completely.

Grind the sample and dry it in vented oven for 24 hrs at 120 to 140°C.

Repeat steps 2 to 7 for loading of the second half of precursor amount.

Heat-treat the sample at 550°C for 6 hrs (5°C/min temperature elevation rate).

The final catalyst properties are shown in table below:

Table 4.3: Catalyst properties

Property Value

BET area 35m“/g

Pore volume 0.13g/cm®

Void fraction 0.45

Weight percent 11%CO, 89% TiO;
Average pellet diameter | 0.002m

4.3 Bench-scale FT Reactor:

A single tube fixed bed bench-scale reactor was used with 1D of 9mm and tube length

of 0.4m .Co/TiO, was inserted in the middle of the reactor, occupying 5mm of the

reactor length (figure 3.1). The rest of the reactor was packed with ceramic balls and
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special type of cloth material.CO, H, flow was controlled through separate mass flow
controllers (Sevenstar DO7 MFC). Prior to the synthesis the catalyst went under
reduction in Hy for 16 hr at 350°C at 0.4bar. Then the reactor was cooled down to
180°C and pressurized to 1bar. Each run was started at 200°C with H,/CO ratios of 1,
2 & 3. After leaving the reactor the products pass through two traps, one hot and one
cold. The hot and cold traps separate the heavy and light hydrocarbons from the
product stream respectively. The samples were collected from the manual valves
situated beneath the traps after 10 hrs of each run. Liquid sample analysis was done
on an offline GCMS. Temperature of the reactor was controlled by placing one
thermocouple near the wall at reactor’s half length and the other in the catalyst bed.

Pressure was controlled using a back-flow regulator.

MFC

<] ﬁ
ﬁ Thermocouples ] £

Controller REACTOR Gas Analyzer & GCMS

Liquid Products
CO H;
1|

Heater Cables
—

Power Supplies

Figure 4.1: Bench-scale FT synthesis setup

3.3.1 Validity and up-scaling of the model:
Table 3.4 shows the operating conditions and dimensions of the bench scale plant.

The model was validated via experimental results obtained. The results of the
experimented and predicted values are shown in the table 3.5. It provides assurance of
the validity of the model as well as the affect of different feed ratios on conversion

and selectivity which decreased and increased respectively with decrease in ratios.

38



Table 4.4: Bench scale reactor dimensions

Property Value
Length 30mm
Tube ID 9mm
Tube OD 11mm
Temperature 473K (200°C)
Pressure 1bar

Table 4.5: Predicted and experimental results

H,/CO 3/1 2/1 1/1

EXP PRE EXP | PRE | EXP PRE

Xco% 10.2 12.9 6.9 8.6 4.5 5.2
Xn2% 13.4 141 9.7 10.5 6.8 7.2
Scha% 6.11 5.90 4.54 5.10 3.20 3.70

Scs+%0 82.2 83.7 86.8 86.4 87.2 87.9
a-value | 0.830 | 0.810 | 0.850 | 0.865 | 0.895 0.883

Table 4.6: Dimensions and conditions of a single tube in a commercial reactor

Parameter Value

Length 12m

Tube ID 0.03m
H,/CO Ratio 2/1

Pressure 25 bar
Temperature 493 K (220°C)
Space Velocity 600h™

For parametric study the model was scaled up to industrial dimensions (Table 4.6).



SUMMARY

Detail about the catalyst preparation and bench scale reactor is outlined in this
chapter. Equations of the 2-D model along with kinetic expressions of the fischer
tropsch reaction on cobalt titanium oxide catalyst are also shown along with certain
correlations needed for modelling and simulation. Comparisons between predicted
and experimental results show good agreements and the model is up-scaled to
commercial level for further predictions and optimization.
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Chapter 5

Results and Discussions

5.1 Influence of Operating Parameters on the Reactor Behaviour

5.1.1 Reaction Rates:

The effects of all three parameters are shown in figures 5.1 and 5.2. Much research
has been done on increasing the catalytic activity of cobalt based catalysts by adding
little amounts of promoters to the cobalt supported catalysts. A study done by Morales
et al [1] on MnO promoted Co/TiO, catalyst revealed that activity almost doubled
after the introduction of MnO. Bao et al [2] experienced significant increase in heavy
HCs selectivity after introducing CaO on Co/Al,O3 catalyst. Promotion of ruthenium
on TiO, and SiO, supported cobalt catalyst increased TOF three times and Cs'
selectivity from 84 to 91 [3]. Therefore, a factor of 3 has been added to the main rate
equation in order to support the above said findings. The rate increased the
conversions of both syngas components with an increase of 32% (CO) and 27% (H)

from normal. Production Cs" and CH, also increased significantly.

5.1.2 Tube Diameter:

Tube diameter is an important parameter to be considered in reactor designing due to
the requirement for high rate of heat transfer in order to minimize temperature
variation in the reactor. Therefore, the diameter is minimized for attaining near
isothermal conditions [4,5]. Hence the effect of tube diameter along with the high
reaction rate of promoted cobalt catalyst on production and syngas conversion is
shown. Model’s prediction shows a further increased conversion. Production of heavy

hydrocarbons was also increased but it was of less extent in comparison to methane.

5.1.3 Wall Temperature:

As the prediction shows, the conversion continues to increase with an increase in
temperature and so does the production of hydrocarbons. However, high temperatures
favour the formation of lighter hydrocarbons and as such the production of methane,
an undesirable product and it increases with increase in temperature and there are
some rational reasons for its unusual growth at high temperatures. A conclusion made

by Wang et al. [5] on increasing the wall temperature was that higher temperatures
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would cause the species on the surface to desorb rather than propagate to higher
molecular weight compounds resulting in an increase in methane selectivity.
Consequently, high temperature favours the formation of branched alkanes and
aromatics which is an advantage if high octane gasoline production is being
considered [6]. Favourable results occur both in terms of syngas conversion and Cs"
production although the production change is of a lesser extent whereas production of
methane increased significantly, thus, indicating a change in product selectivity
towards lower molecular weight hydrocarbons.

5.1.4 The Problem of a ‘Hot Spot’

All three parameters have one major side effect; the famous hotspot. As shown in
figure 5.3(a), increasing the reaction rate by a factor of three caused a steep
temperature rise due to reactions occurring thrice faster than normal. A slight shift of
the hotspot near the reactor inlet was also noted. Increase in tube diameter not only
increased hotspot but also moved it towards the reactor exit as well as it broadened its
range over the reactors length, thus increasing the average bed reaction temperature of
the reactor and increasing its exit temperature. Ultimately it can be seen that the tube
wall temperature further complicates the situation [5]. However, these temperature
profiles were noted at the centre of the reactor in previous publications and the same
prediction is seen here [7]. Radial temperature profiles show that the where the
temperatures were maximum at the centre, the temperatures were close to the set
reaction temperature near the tube wall (figures 5.3(b) & 5.4). Anyway, there are two
general solutions to this problem. One is to increase overall gas space velocity. It will
surely diminish the hotspot but will reduce the residence time and, hence, the
conversion and production [4]. The other is to introduce nitrogen gas in the main
syngas stream. Nitrogen plays an important role as an inert material that absorbs the
reaction heat so as to help in reducing the average bed temperature. A downside to

this is the suppression of partial pressures of H, and CO [8].

5.2 Performing Optimization
An optimized approach is put into practice for reducing the temperature variation in

the reactor. The reactors length is divided in to fifteen sections and the cooling
temperature of each section is adjusted according to the temperature rise in the reactor
centre (figure 5.5) so the temperature can remain nearly constant in the axial direction

at r=0 (figure 5.6(a)). Furthermore, due to cobalt’s high activity narrower tube
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diameters are needed (section 5.2.2). However, with the above mentioned
optimization even high tube diameters can be safely used. Increasing the pressure
along with the gas inlet flow rate will also increase the production per reactor volume
without altering the conversion due to residence time being the same [9]. Therefore it
can be concluded that optimized cooling temperature in the 15 sections across the
reactor along with increased pressure and flow rate will let conversion reduce a little
but will increase the production volume and reduce methane selectivity and hence
production yield. But since the increase in pressure and flow-rate have little effect on
selectivity as compared to temperature [10], their effect is not covered in this thesis.
The reason behind this reduction is the near isothermal optimization (at r=0) of the
reactor. Highly exothermic reactions give sudden rise to temperature at the reactor
inlet in case of an altered and un-optimized process (e.g, r=3r, ID=0.05m). The
sudden spike in temperature that contributes in generating a reactor ‘hot spot’ also
contributes in methane selectivity due to heat transfer limitations as well as the
reasons mentioned in sub-section 5.2.4. Moreover, the radial temperature variation of
the optimized process show the same trend as of the previous trends described in
section 5.1 (figure 5.6(b)). Therefore, average temperature of the bed is decreased
after applying optimization. Figure 5.7 depict the production of methane and heavy
HCs after optimization. Table 5.1 summarizes the above parameter effects and the
optimized solution on reactor temperature and Table 5.2 on alpha-value and
selectivity. The reduction in average temperature and near isothermal temperature
along the length at the centre of the reactor improved the selectivity better than the

first four.

44



\O
o

<]
o
T

Conversion (%0)
b |
o

(]
o
T

10

(@)

100

80

[
o

Conversion (%0)
F N
o

20

(b)

Figure 5.1: Synthesis gas conversion at different conditions 600h™12m 25bar

o)
o
T

th
o

NN
o
T

»
o
T

CO Conversion

s =1, ID=0.03m, TWw=493K
g =31, ID=0.03m, Tw=493K
g 1=31,ID=0.05m, Tw=493K _
=== r=3r,ID=0.05m,Tw=503K

1 1 1

4 6 8 10 12
L(m)

H2 Conversion

s =1, ID=0.03m, Tw=493K
e =31,ID=0.03m, Tw=493K |
g 1=31,ID=0.05m, Tw=493K
=== r=3r,ID=0.05m,Tw=503K

4 6 8 10 12
L(m)

45



80

701

(g/g(feed))* 100

(]
o

-
o
T

(@)

RN th &

(g/g(feed))* 100
W

(b)

Figure 5.2: Production variation of at different conditions, 600h™ 12m 25bar

C5+ Production

th
o

NN
o

L
o

s =1 TD=0.03m, Tw=493K
e =31 ID=0.03m, Tw=493K
== r=3r,ID=0.05m Tw=493K |

=== r=3r,ID=0.05m,Tw=503K

2 4 6 8 10 12
L(m)

CH4 Production

s 1=, ID=0.03m, Tw=493K
m=ge= r=31,ID=0.03m, Tw=493K
=@ 1r=3r,ID=0.05m,Tw=493K L

=== p—3r ID=0.05m,Tw=503K .»*
o

L(m)

46



Temperature Variation at Tube Center
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Radial Temperature Variation

S08 = T
Sy — T =12m
-
506 | sy =——T-0.8m -
N
504 | R _
— \
=) -7
© 502 . i
£ \
™ \
& 500+ \ .
= \
% 08 X
= A
1
496 | 1
1
494 - r=3r,ID=0.03m, Tw=493K
0 0.005 0.01 0.015
(a) v
Radial Temperature Variation
512 : : :
510 P ---L=12m o
508 .
g 506 - .
E 504 | 1
E 502 {mmm ]
E.‘ ------_-‘h“
g soo} SRl ]
- ~
498+ ~
~
496 +
=3r,ID=0.05m,2
494 | r=3r,ID 5m, 293K
0 0.005 0.01 0.015 0.02 0.025
(b) T(m)

Figure 5.4: Radial temperature profile at different parameters 600h™ 12m 25bar

48



TUBE >

/\ < SHELL

15 SECTIONS

LENGTH

OPTIMUM Temperature Control

Figure 5.5: Optimized approach for temperature control

49



(@)

(b)

493.03

493.025

493.02

493.015

493.01

Temeperature (K)

493.005

493

494

Axial Temperature Variation

T

T

T T T T

_l__' _

m—— =31, ID=0.05m, Tw=0PT

4 6 8 10 12
L(m)

Radial Temperature Variation

492

490

Temperature (K)
N H H
0 o o]
-

482

430

478

=w==]=5m

r=3r,ID=0.05m,Tw=0PTM [y

0.005

0.01 0.015 0.02

r{m)

Figure 5.6: Axial(r=0) and Radial temperature variation after optimization, 600h™

12m 25bar

50



C5+ Production

80 T T T T T
=== r=31,ID=0.05m,Tw=493K - =
20} ===r=3r,ID=0.05m,Tw=0PT Pl - _
r”"
60 | »”
»
’
- -~
@ S0+ -
|
e
= 40t .
<
w30t ]
20} .
10 .
0 2 4 6 8 10 12
(a) L(m)
CH4 production
5 T T T T T
4 E
(—]
(—]
- 3
®
=
1
o
Ko
w2
)
1 E
'ﬁ
o - m===1=31,ID=0.05m, Tw=493K
' === =31, ID=0.05m, Tw=493(OPTM)
0 2 4 6 8 10 12
(b) L(m)

Figure 5.7: Production of CH, and Cs" after optimization, 600h™12m 25bar



Table 5.1: Average Reactor temperature under different conditions

RATE D; (M) Tw (K) P (bars) AVY. Treact (K).

R 0.030 493 25 497

3r 0.030 493 25 502

3r 0.050 493 25 505

3r 0.050 503 25 512

3r 0.050 (L=6m)=477 25 484
(L=12m) =488
(L=0m)=493

Table 5.2: Selectivity at different average reactor temperatures

AVY. Treact Alpha StLight Hc %0 |  Scasoline%0 Spiesel%0 Swax%0
(K). value
497 0.806 22.05 39.93 34.20 3.42
502 0.795 25.29 41.94 30.83 2.65
505 0.787 26.54 42.51 27.14 2.19
512 0.770 30.5 43.32 22.64 1.45
484 0.837 17.9 34.74 41.68 6.86
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SUMMARY

| this chapter, the 2-D pseudo homogeneous model on a single tube was up-scaled
from laboratory size to commercial size after its validation from the experimental
results and then effects of major parameters on conversion and production and
temperature profiles were investigated. Finally, optimization of the axial temperature
profile was achieved by adjusting the tube wall temperature from fifteen places along
the length of the reactor. Axially the temperature remained nearly isothermal and
radial-wise the same trend was noted as it was due the change in parameters discussed
before. As a result, the average bed temperature was lowered which indicated a

further improved selectivity in heavy hydrocarbons.
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Conclusions and Recommendations

The world is shifting towards unconventional means of producing transportation and
energy generation fuels and chemicals from abundant resources of coal and natural
gas as the age of conventional crude oil is nearing its end. Over the past decade oil
prices have skyrocketed and the involvement of international politics is becoming
increasingly problematic. Pakistan is also in this crisis as it majorly relies on imported
crude for its needs. The country can use this new technology to boost its economy by
producing domestic fuels from its abundant coal and gas reserves. In the present work
a two-dimensional pseudo homogeneous plug-flow model was successfully developed
for predicting general trends and optimization in a fixed bed reactor for Fischer
Tropsch synthesis. Predicted results were validated with the experimental values and
the model was upscaled to a single tube of commercial standard dimensions. Syngas
conversion, methane and heavy HCs production and temperature profiles were
observed by varying wall temperature, tube diameter, reaction rate. An increase in
these significantly increased the gas conversion and heavy HCs but also added a
noticeable increase in methane production. Furthermore, the reactor’s bulk
temperature was increased by increasing the parameters’ values due to uneven heat
removal. To minimize the effect an approach was taken to optimize the axial
temperature profile. The length of the tube was divided into 15 sections and the tube
wall temperature of each section was adjusted according to the temperature at the
centre of the reactor. Simulation results show improved yields of heavy HCs and
selectivity of diesel cuts although the conversion was reduce a little due to a drop in

average reactor temperature.

Research on FT reactor modelling via MATLAB has not been carried out in Pakistan
and thus further digging in this era needs to be carried out. Moreover, investigation on
the use of high thermal conductivity and high heat coefficient material for tubes needs

to be implemented.
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NOMENCLATURE

(m.s™)
(mol.dm™)
(kmol.kgear*.s™)
(kg.m™)
(kg.m™)

kgt K™Y
(J.kmol™)
(W.m2.K%

(K)

(Bar)

(m)
(J.kmol™*.K™

Effective radial thermal conductivity (W.m™.K™)

Usv Superficial velocity

Ca  Component concentration
—rIm Reaction rate

o Catalyst Bulk density

you Average Gas density

Cop Specific heat capacity
—AH Reaction Enthalpy

U Heat Transfer Coefficient
Ty Wall Temperature

P Pressure

dp Particle Diameter

R Molar Gas Constant

f Friction Factor

Aefr

Ag gas thermal conductivity.
lo outer tube radius

Re,  Reynolds number

aw Heat transport coefficient
L length

v Composition
SUBSCRIPTS

CO  Carbon monoxide

H, Hydrogen

CH; Methane

Cs"  Heavy Hydrocarbons

(W.mtK?
(m)

(W.m2.K%

(m)
(%)
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Optimization and Performance Investigation of FB Reactor on Bench
Scale Fischer-Tropsch Facility

Y. Waheed, S. Igbal? S. H. Ansari®

'MS Energy Systems Engg. , Centre for Energy Systems, NUST, Sector H-12, Islamabad,
Pakistan

2. MS Energy Systems Engg. , Centre for Energy Systems, NUST, Sector H-12, Islamabad,
Pakistan,
Abstract

Producing transportation and energy generation fuels and chemicals from abundant
resources of coal and natural gas has been steadily gaining popularity as the age of
conventional crude oil is nearing its end. Over the past decade oil prices have
skyrocketed and the involvement of international politics is becoming increasingly
problematic due to oil not being globally available including countries like Pakistan as
it majorly relies on imported crude for its major energy and transportation needs. The
use of Coal/natural gas to liquids technology will boost it struggling economy by
producing low cost domestic fuel from its abundant coal reserves. A comprehensive
two-dimensional homogeneous plug-flow model was developed for predicting general
trends in a fixed bed reactor for Fischer Tropsch synthesis on un-promoted
cobalt/titania catalysts. Predicted results were validated with the experimental values
by changing feed ratios and after that, syngas conversion, methane and heavy HCs
production and temperature profiles were observed by varying different operating
parameters. It was concluded that high wall temperature, reaction rate and tube
diameter will significantly increase the gas conversion and heavy HCs but will also
increase methane production. Furthermore, the reactor temperature was increased by

increasing the parameters
Keywords: Fischer-tropsch; syngas; conversion; production; fixed bed reactor

Introduction

Fischer-Tropsch process has gone through extensive R&D over nearly a century and
is now one of the most popular and major option for making clean transportation
fuels. The technology involves a catalytic polymerization of carbon monoxide to give
clean and ordered liquid hydrocarbon composition using catalysts that are either
supported or un supported. Paraffins are its major products and the major side
products are methane and carbon dioxide. However, the production of methane is
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highly un-desirable as the technology’s sole purpose is to produce liquid products
only[1]. Cobalt or iron are commercially used as catalysts for this synthesis. Cobalt is
expensive than iron but is almost 250 times more active and it produces more higher
molecular weight hydrocarbons than iron at a relatively low temperature. Raw syngas
contains CO, H,, CO,;, CH4 and N,. More H, and CO can be obtained via air
reforming of methane and CO, can be separated by conventional means. Therefore,
syngas with a ratio of 2/1 was used for this study. Since the cost of diesel is more than
gasoline in many countries, especially south-asian and European countries, promotion

of the use of cobalt in this process can have great advantage.

Multi Tubular, Fluidized and slurry reactors are the commercially used designs for
this purpose. The tubular fixed bed reactor (TFBR) has the distinctive advantage of
not requiring separation of the product from catalyst and also the ease of scale up
from one tube to thousands of tubes. It also has the highest possible catalyst loading
per reactor volume and, therefore, has the highest potential of productivity per reactor
volume. Plus, only the catalyst area near the inlet tube is affected by the reactants
impurities while other areas remain fully functional. Furthermore, wax product can be
easily separated from the catalyst. Still, heat removal in reactor requires attention for
maximizing heavy HC production[2]. Considerable amount of literature has been
found on TFBR modeling and design. Irani et al[3] used computational fluid
dynamics as a technique to check the prediction of the reactor model using a novel
iron catalyst. A 1D dimensional heterogeneous model was applied by Wang et al[4] to
study the performance of the fixed bed reactor. Atwood and Bennett[5] discussed
parameter effects on commercial reactors using a 1D heterogeneous model. Mazidi
and Sadeghi[6] researched on the maximum gasoline yield using non uniform
catalysts in a one dimensional heterogeneous model. Guttel and Turek[7] compared
SBCRs and FBRs on a 1D approach with cobalt based catalysts. Momonov and
Kustov[8] investigated the effects of linear gas velocity and tube diameter using a 1D
heterogeneous model Research has being carried out in Pakistan only on the practical
preparation and performance of cobalt —based catalysts[9,10]. Pakistan having the 7"
largest coal reserves is a very potential place where FT process can be used as today
the country is facing high inflation and high oil prices. Also, this unconventional
means of fuel production guarantees sulfur and nitrogen free product than the

conventional[11]. Therefore, to understand its trends, it has to be studied at a micro
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level before the domestic industrial level and software modeling and simulation of

such a process can be extremely useful for the better future of the country and its

engineers. In this work, a two dimensional pseudo homogeneous plug flow
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Fig 2: Schematic diagram of bench scale fixed-bed reactor

Heaters’ cables

model was first used to predict the general effects of operating parameters on

conversion, production and thermal stability of the reactor.
Table 1:Catalyst Properties

Property Unit Content
Titania W1t% 89
Cobalt Wit% 11
Surface Area | m*/g 255
Diameter Milimeters 2

Bulk density | kg/m® 800
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Experimental Section

A. FT reactor

A single tube fixed bed bench-scale reactor was used with ID of 9mm and tube length
of 0.3m (figure 1) .Co/TiO; catalyst with the properties shown in table 1 was inserted
in the middle of the reactor. The rest of the reactor was packed with ceramic balls and
special type of cloth material.CO, H, flow was controlled through separate mass flow
controllers (Sevenstar DO7 MFC). Prior to the synthesis the catalyst went under
reduction in Hy for 16 hr at 350°C at 0.4bar. Then the reactor was cooled down to
180°C and pressurized to 1bar. The synthesis was started at 200°C with H,/CO ratio
of 2. A run time of 10 hrs for three runs with different feed ratios was conducted
under constant pressure and temperature. After leaving the reactor the products pass
through two traps, one hot and one cold. The hot and cold traps separate the heavy
and light hydrocarbons from the product stream respectively. The samples from each
run were collected from the manual valves situated beneath the traps. Sample analysis
was done on an offline GCMS. Temperature of the reactor was controlled by placing
one thermocouple near the wall and the other in the catalyst bed. Pressure was
controlled using a back-flow regulator.

Table 2: Bench-scale reactor operating conditions

Parameter Unit Value
Pressure Bar 1
Wall Temperature K 473
Metal heat coeff. | W.m™.K™ 45
Length M 0.4
ID Mm 9
oD Mm 11
Space velocity h? 230

B. Reactor model
Reactor dimensions and operating conditions are outlined in table 2. Following

assumptions were made in the model:
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Non-isothermal condition due to a noticeable temperature change along the

Radial concentration gradients are neglected. The main FT reaction rate on

Cobalt/Titania catalyst by the Zennaro expression[12] is taken for this study. Since

the catalyst used was cobalt no water-gas shift reaction is taken into account due to

cobalt catalyst’s negligible in-situ WGS activity and the H,/CO ratio taken in this

study being above 2. Since C1 and C2 compounds deviate from the ASF theory, it

was used for higher HCs whereas individual rate laws were given for the compounds

mentioned above [13] The temperature dependant constants were calculated according

to the experimental results and the energies of activation were taken from the.

available literature[14][15]. The mass and energy balance equations can be written as

follows.

Mass balance:

6Cq dug Ug
UsPg 5z nga 5z + Cquts 5z TaPB

Energy balance:

1 6T 52T)
r ér  8r2

6T
UsPgCy 5z (—AH)ppTa + Aer (

Overall pressure drop was calculated using Ergun Law:

_S_P_fp'_”g

sz 77 ay

Change in density and superficial velocity were calculated by:

1)

)

©)

(4)

(®)
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Boundary conditions:

i_f = forall Z and r (6)
2—:: forallZatr =0 (7)
%:—%((Tatr:R)—Tw)forallZ 8)

Component and mixture heat capacities were calculated using equations derived by
Poling[16]. The overall heat transfer coefficient equation was taken from the co-
relations used for 2-D model[17]. The effective radial thermal conductivity was
calculated from equations derived by Forment[18]. The superficial gas velocity was
obtained based on overall mass flux and gas mixture density. Finite difference method

was applied. MATLAB’s ODE solver was used to conduct the numerical simulation.

Overall Heat transfer coefficient:

11 d; do
U aw + 22 In d; ©)

Effective radial thermal conductivity:

1/3
Adey = 29 + 01114, - ~227 (10)
1+46(%)
Where
29, =& (A +0.95 + @y, +d,) + 095(1-¢) (12)

2/(3:25)+1/(10-Ag-ars-dp)

Is the thermal conductivity of the catalyst bed without the presence of fluid and oy

and oy are taken from literature[19].

Main equation of the kinetic model:

Eq,~0.74
a(zp)CH, Cco

r = UEDCH"Ceo (12)

(1+b(£—?)(:co)2
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Table 3: Experimental and Predicted Results 473K, 1Bar
H,/CO 3/1 2/1 1/1

EXP PRE EXP PRE EXP PRE

A 0.83 0.81 0.85 0.845 0.895 0.883
Xco% 10.2 10.9 6.9 7.5 4.5 4.9
Xu2% 13.4 141 9.7 10.5 6.8 7.2

Scra% 6.11 5.90 4.54 5.10 5.20 5.70

Sco% 1.45 2.11 1.95 2.32 1.34 1.97

Sc3% 3.53 3.30 3.84 3.47 2.70 3.15

Sca% 3.70 3.95 2.95 3.75 2.53 3.67

Scs+% 85.2 84.7 86.7 85.4 87.2 85.5

The conversion equation can be shown as:

) amount entered — amount left
Conversion = x 100
amount entered

The experimented and predicted values are shown in the table 3 which shows a good
overall agreement and ensures the reduction in conversion with decrease in feed ratio.
To investigate other parameters and the thermal stability of the reactor, the single tube
was scaled-up to the size of that found in a conventional multi tubular reactor with
Co/TiO, catalysts fitted throughout the tube (table 4).

Results and Discussion

A. Effect of parameters
The effects of all three parameters are shown in figures 2 and 3 and tables 5 and 6.
Much research has been done on increasing the catalytic activity of cobalt based
catalysts by adding little amounts of promoters to the cobalt supported catalysts. A
study done by Morales et al[20] on MnO promoted Co/TiO, catalyst revealed that

activity almost doubled after the introduction of MnO. Bao et al[21] experienced
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significant increase in heavy HCs selectivity after introducing CaO on Co/Al,O3
catalyst. Therefore, a factor of 3 has been added to the main rate equation in order to
support the above said findings. The rate increased the conversions of both syngas
components with an increase of 32% (CO) and 27% (H,) from normal. Production Cs"

and CHg, also increased significantly.

Table 4: Single Tube Dimensions (Commercial Standards)

Property Value
Length 12m
Tube ID 0.03m
H,/CO ratio 2/1
Pressure 25 bar
Temperature 493 K (220°C)
Volumetric flow-rate (600h™)

Tube diameter is an important parameter to be considered in reactor designing due to
the requirement for high rate of heat transfer in order to minimize temperature
variation in the reactor. Therefore, the diameter is minimized for attaining near
isothermal conditions [4] [12]. Hence the effect of tube diameter along with the high
reaction rate of promoted cobalt catalyst on production and syngas conversion is
shown. Model’s prediction shows a further increased conversion. Production of heavy

hydrocarbons was also increased but it was of less extent in comparison to methane.

For wall temperature, as the prediction shows, the conversion continues to increase
with an increase in this parameter and so does the production of hydrocarbons.
However, high temperatures favor the formation of lighter hydrocarbons and as such
the production of methane, an undesirable product and it increases with increase in
temperature and there are some rational reasons for its unusual growth at high
temperatures. A conclusion made by Wang et al. [4] on increasing the wall
temperature was that higher temperatures would cause the species on the surface to
desorb rather than propagate to higher molecular weight compounds resulting in an

64



Annex |

increase in methane selectivity. Consequently, high temperature favors the formation
of branched alkanes and aromatics which is an advantage if high octane gasoline
production is being considered. Favorable results occur both in terms of syngas
conversion and Cs* production although the production change is of a lesser extent
whereas production of methane increased significantly, thus, indicating a change in

product selectivity towards lower molecular weight hydrocarbons.

CO Conversion
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Fig 2: Conversion at different operating conditions 600h™, 12m, 25bar
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CH4 Production
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Fig 3: Production at different operating conditions 600h™, 12m, 25bar
B. The ‘Hot Spot’ problem:

All three parameters have one major side effect; the famous hotspot. As shown in
figure 4(a), increasing the reaction rate by a factor of three caused a steep temperature

rise due to reactions occurring thrice faster than normal. A slight shift of the hotspot
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near the reactor inlet was also noted. Increase in tube diameter not only increased

hotspot but also moved it towards the reactor exit as well as it broadened its range

over the reactors length, thus increasing the average bed reaction temperature of the

reactor and increasing its exit temperature (table 5), plus, reduction in selectivity

(table 6). Ultimately it can be seen that the tube wall temperature further complicates

the situation. However, these temperature profiles were noted at the centre of the

reactor in previous publications and the same prediction is seen here [1].Radial

temperature profiles show that the where the axial temperatures were maximum at the

centre, the temperatures were close to the set reaction temperature near the tube wall

(figures 4(b) & (c)). Anyway, there are two general solutions to this problem. One is

to increase overall gas space velocity [3]. It will surely diminish the hotspot but will

reduce the residence time and, hence, the conversion and production. The other is to

Table 5: Average Reactor Temperatures under Different Conditions

Sr No. Rate D¢ (m) Tw (K) P (bars) | Avg. Treact (K).
1 r 0.030 493 25 496.07
2 3r 0.030 493 25 502.21
3 3r 0.050 493 25 505.12
4 3r 0.050 503 25 512.27

Table 6: Selectivity at Different Average Reactor Temperatures

SrNo. | Avg. Treact (K). | Alphavalue | Siightrc % | Scasoline?0 | Spieset?0 | Swax%0
1 496.07 0.806 22.05 39.93 34.20 3.42
2 502.21 0.795 25.29 41.94 30.83 2.65
3 505.12 0.787 26.54 42.51 27.14 2.19
4 511.27 0.770 30.5 43.32 22.64 1.45

introduce nitrogen gas in the main syngas stream. Nitrogen plays an important role as

an inert material that absorbs the reaction heat so as to help in reducing the average
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bed temperature. A downside to this is the suppression of partial pressures of H, and
CO[22].

Conclusions

In the present work a two-dimensional pseudo homogeneous plug-flow model was
successfully developed for predicting general trends and optimization in a fixed bed
reactor for Fischer Tropsch synthesis. Predicted results were validated with the
experimental values. Syngas conversion, methane and heavy HCs production and
temperature profiles were observed by varying wall temperature, tube diameter,
reaction rate. An increase in these significantly increased the gas conversion and
heavy HCs but also added a noticeable increase in methane production. Furthermore,
the reactor’s bulk temperature was increased by increasing the parameters’ values.
Research on FT reactor modeling via MATLAB has not been carried out in Pakistan
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Fig 4: Axial and radial temperature profile at different conditions, 600h™, 12m, 25 bar
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and thus further digging in this era needs to be carried out. Moreover, investigation on

the use of high thermal conductivity and high heat coefficient material for tubes needs

to be implemented.
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TFBR Tubular Fixed-Bed Reactor
SBCR Slurry Bubble-Column Reactor
GHSV Gas hourly space velovity

HC  Hydro-Carbon

ASF  Anderson Schulz Flory
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Usv Superficial velocity
o Catalyst Bulk density
Cop Specific heat capacity
—AH Reaction Enthalpy

U Heat Transfer Coefficient
Ty Wall Temperature

P Pressure

dp Particle Diameter

R Molar Gas Constant
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ABSTRACT

Fischer-Tropsch process can be used as a viable option for producing diesel and
gasoline fuel via indirect liquefaction of coal in Pakistan. Pakistan is being faced with
terrible energy crisis and unaffordable transportation and power generation fuel prices
due to such fuels being not domestically extracted. The use of this indirect coal
liquefaction process can greatly benefit the country in terms of low cost sulfur-free
fuel and research in this era in Pakistan need to be given importance today. In this
study the effect of temperature and space velocity was investigated with a one-
dimensional pseudo homogeneous tubular fixed bed reactor model for fischer tropsch
synthesis of syngas using cobalt based catalyst. The model was applied using
appropriate kinetics and the base operating conditions were taken from the
experimental data. A good overall agreement was concluded in the comparison
between experimental and calculated results based on the accuracy of the model.
Prediction of the model reviled an increase in Syngas conversion and net increase in
Cs" production by increasing space velocity and temperature. However, high
temperature did increased the gas conversion but was not favoured due to increase in
methane production.

Key words: Pakistan, Fischer tropsch, Syngas, Cs*, methane, Cobalt.
Introduction:

Over the past eighty years, fischer-tropsch process has gone through extensive R&D
and is now one of the most popular and major option for making clean transportation
fuels and chemicals. This phenomenon involves the catalytic hydrogenation of carbon
monoxide to give clean and ordered liquid hydrocarbon composition via a
combination of polymerisation reactions using catalyst that are either supported or un
supported. The major products of this process are the long chain hydrocarbons and the
major side product is methane and carbon dioxide [1]. Since this process was invented
to produce high quality transportation liquid fuels, the production of methane is
highly un-desirable [2]. The commercial catalysts used for this process are cobalt or
iron based catalyst [3]. Cobalt is expensive than iron but is almost 250 times more
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active and it produces more higher molecular weight than iron at a relatively low
temperature [3]. Raw syngas contains CO, H,, CO,, CH4 and N,. Methane can be
further converted to H, and CO via air reforming and CO, can be separated by
conventional means. Using these assumptions, a nitrogen-rich syngas was used for
this study containing 35% H,, 15% CO and 50% N,. The major advantage of the use
of nitrogen is its ability to reduce the exothermic hydrogenation temperature and it
promotes the production of diesel [4]. Since the cost of diesel is more than gasoline in
many countries, especially south-asian countries, promotion of the use of cobalt in
this process can have great advantage.

The four major reactor designs used in this process are tubular fixed bed, fixed
fluidized bed, circulating fluidized bed and slurry bubble column reactors. The tubular
fixed bed (TFBR) still holds the advantage of not requiring separating the product
from the catalyst and also the ease of scale up from one tube to thousands of tubes. It
also has the highest possible catalyst loading per reactor volume and, therefore, has
the highest potential of productivity per reactor volume [5]. Still, reactor optimization
IS required for maximizing heavy HC production. Not a lot of literature has been
found on TFBR modelling and design. Wang et al [6] proposed a 1D dimensional
heterogeneous model to study the performance of the fixed bed reactor. De Swart et al
[7] used 1D heterogeneous model to study TFBRs on cobalt based catalyst. Guttel and
Turek [8] compared SBCRs and FBRs on a 1D approach with the inclusion of all the
mass transfer limitations using cobalt based catalysts. Irani et al [23]  used
computational fluid dynamics as a technique to check the prediction of the reactor
model usin a novel iron catalyst. Atwood and Bennett [9] studied parameter effects on
commercial reactors using a 1D heterogeneous model. Momonov and Kustov [24]
studied the effects of linear gas velocity and tube diameter using a 1D heterogeneous
reactor. Marwast et al [10] used both 1D and 2D homogeneous models to study the
performance of FBRs using Bi-functional iron catalyst. Mazidi and Sadeghi [25]
checked the maximum gasoline yield using non uniform catalysts in a one
dimensional heterogeneous model. Nonam et al [26] studied the effect of tube
diameter on conversion and thermal behavior using a 2D mathematical model for an
iron-based Fischer-tropsch synthesis.

Very little research is being carried out in Pakistan and it is only on the practical
designing and performance of catalyst [11, 12]. Pakistan having the 4™ largest coal
reserves is a very potential place where FT process can be used as today the country is
facing high inflation and high oil prices. Also, synthetic fuel is very less polluting
than conventional [13]. In order to establish an industrial plant, it has to be studied at
a micro level and software modeling and simulation of such a process can be
extremely useful for the better future of the country and its engineers. Therefore, for a
start, a one dimensional pseudo homogeneous model was developed. Although it is
not as accurate as the 2D model when predicting the temperature runaway of the
reactor [10], it can be used to give some basic predictions about the process. The

73



Annex |1

model was validated by comparing with the experimental results obtained from the
works of Rafiq et al [14].

Reactor model development:

A single tube fixed bed reactor with ID of 0.0272m and tube length of 2m was
considered packed with a bed of commercial Co/Al,O3 catalyst of spherical shape
with the properties shown in Table 1. The reactor operating conditions were set at
473K, 20 bars and the following assumptions were made in the model:

6. One dimensional plug-flow model without axial dispersion.
7. Non-isothermal condition due to a noticeable temperature change along the
reactor.
8. No external mass transfer limitations.
The main FT reaction rate on cobalt catalyst by the Yates and Satterfield expression

[15] is taken for this study. Since the catalyst used was cobalt no water-gas shift
reaction is taken into account due to cobalt catalyst’s negligible in-situ WGS activity
and the H,/CO ratio taken in this study being above 2. Specific rate laws were given
for methane and ethane formation while the higher HCs, ASF theory was applied
using a, the chain growth probability value [16]. The pre-exponential factors of the
four kinetic parameters in the kinetic model were taken from Rafig et al [14].
Activation energies were taken from the literature available [15, 17, 18]. The above
parameters are shown in table 2. The model used was a one dimensional pseudo
homogeneous plug-flow type to simulate the TFBR. It is a tubular reactor with boiling
water as a coolant in the shell. The mass and energy balance equations can be written
as follows.

Mass balance:

Energy balance:

T U
= (_AH)pBra - 4d_ (Tw - Tg)
t

UspyCy 3z

Overall pressure drop was calculated using Erqun Law:

apP p-u
~oz= 174

20 V)

p

Component and mixture heat capacities were calculated using equations derived by
Reid et al [19]. The overall heat transfer coefficient was calculated using leva’s
correlation [20]. The superficial gas velocity was obtained based on overall mass flux
and gas mixture density. MATLAB’s ODE solver was used to do the numerical
integration of the independent variable i.e. reactor length (z).
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The model was validated by comparing it with the experimental results of Rafiq et al
[14]. AARE (Absolute average relative error) equation showed the model’s accuracy.
This equation was also used by Emrani and Saber [21] for accuracy calculation. The
results are shown in table 3 and are in fair agreement with the experimental results.
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Fig 1: Effect of GHSV on syngas conversion (T=473K, P=20 bars and Tube Diameter

= 27.2mm)

Kinetic model used in this study:

Trr =

E
a.exp (R_%) CcoCh,

E
(1 + b. exp (R_IY)T)CCOCHZ)

Tco = —TFr

Th, = —2Tpr
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Fig 2: Effect of GHSV on product formation (T=473K, P=20 bars and Tube Diameter
=27.2mm)

Results and discussion

I.  Effect of GHSV
The model along with the reaction kinetics outlined by Rafiq et al [14] was used to

investigate the effect of operating parameters on the product yield and syngas
conversion. Figs. 1(a) and 1(b) represent the effect on syngas conversion by change
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in GHSV. The effect on the production of methane and Cs* HCs by GHSV is also
presented in Figs. 2(a) and 2(b).

Table 1: Catalyst used in this study

Property Unit Real content
Alumina Wit% 88

Cobalt W% 9.5

Surface Area | m?/g 255
Diameter Mm 3

Bulk density | kg/m® 700

Voidage 0.44

The results indicate that the syngas conversion is higher at low GHSV. This can be
reasoned with the fact that at higher space velocities, the contact time or residence
time is decreased, thus affecting the conversion. However, higher GHSVs suppress
the formation of lower molecular weight HCs with low syngas conversion on the
basis that high GHSVs results in the enhancement of the propagation of higher
molecular weight compounds by the surface species thus slightly shifting the product
distribution towards higher molecular weight of HC [14]. The predicted overall
production of Cs* HCs and CH, indicates an increasing effect when GHSV is
increased.

Table 2: Kinetic parameters

Parameters | Unit Value

A m®/mol.gear.s | 18.41

E. kJ/mol 100

B m*/mol 3.69

Ep kJ/mol 20

C 2.08x10°
E. kJ/mol 81

Table 3: AARE for major products
Component AARE%

Cs 5.11
CHa 9.44

I.  Effect of wall temperature
Figures 3 and 4 show the models prediction about the effect of wall temperature on

both the conversion and production. It is clearly shown that the overall syngas
conversion is lower at 483K and considerably higher at 503K. Moreover, the
production of methane and heavier hydrocarbons has also been increased with rise in
wall temperature. Since methane is an undesirable product, there are many
explanations for its increased production at high temperatures. Wang et al. [6]
reported that an increase in wall temperature caused reactions to occur more rapidly
near the entering zone of the reactor and releasing too much reaction heat that became
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Fig 3: Effect of wall temperature on syngas conversion (P=20 bars, Tube diameter =

27.2mm)

difficult to be removed. Chernobev and Yakubovich reasoned that due to the increase
in temperature, carbide formation on the catalyst surface increases and thus the
hydrogenization of CO is reduced [2]. In easy words, higher temperatures would
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Fig. 4: Effect of wall temperature on product formation. (P=20bars, Tube diameter =
27.2mm)

cause the surface species to desorb rather than propagate to higher molecular weight
compounds. Another possible reason for increased methane production can be the
thermal cracking of higher molecular weight compounds at elevated temperatures as
explained by Irani and co-workers [22]. Therefore it can be concluded that increasing
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the wall temperature would not be good for reactor safety and would favour methane
production.

Conclusions

A one dimensional pseudo homogeneous plug-flow model was successfully
developed to predict the performance of a fixed bed reactor. The results were
validated and were within the acceptable error limits. Syngas conversion and methane
and heavy HCs production were observed by varying GHSV and the wall
temperatures. It was concluded that conversion is gradually lowered with increasing
GHSV whereas production of heavy HCs are increased. As for wall temperature, an
increase in this significantly increased the gas conversion and heavy HCs but also
added a noticeable increase in methane production. The reactor model can be used for
basic prediction and not for scale-up. Research on FT reactor modeling via MATLAB
has not been carried out in Pakistan and thus further digging in this era needs to be
carried out by developing a more accurate two dimensional model.
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Nomenclatures:

Us Superficial velocity (m/s)

Ca  Component concentration (mol/dm?®)

—ra  Reaction rate (kmol/kgc,t.s)

p&  Catalyst Bulk density (kg/m®)

yo! Average Gas density (Kg/m®)

Cop Specific heat capacity (J/Kg.K)
—AH Reaction Enthalpy (J/kmol)

U Heat Transfer Coefficient (W/m?.K)

Ty Wall Temperature (K)
T Gas Temperature (K)

P Pressure (Bar)
dp Particle Diameter (m)
E Activation energy (KJ/KQ)

R Molar Gas Constant (J/kmol.K)
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TFBR Tubular Fixed-Bed Reactor

SBCR Slurry Bubble-Column Reactor

f Friction Factor

Subscripts:

co Carbon monoxide

o Hydrogen

ca  Methane

o Heavy Hydrocarbons

- Fischer tropsh
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