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ABSTRACT 

 

Mari gas is a depleting non-renewable resource and needs to be replaced as a raw 

material for manufacturing of Urea. The project aims to anticipate the impacts of 

using a mixture of 70% Mari gas and 30% RLNG in a pre-existing ammonia plant. 

Material and energy balance applied on the system reviled the hydrogen 

production and thermal demand of the system increased. The HYSYS simulation 

coincided with our findings. The primary and secondary reformers, HTS and LTS 

reactors, Methanator and Ammonia reactor are all redesigned with some main 

heat exchanges. The cost analysis and HAZOP analysis of the plant is also carried 

out. 
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CHAPTER 1 

INTRODUCTION 

1.1 Scope of the Project: 

The Fauji Fertilizer Company (FFC) is the one of growing manufacturer of urea in 

Pakistan with a total capacity of 2 million tonnes per annum [1]. FFC has three 

urea plants under its flag, two of them (Plant-I and Plant-II) in Goth Machhi and 

one (Plant-III) is present in Mirpur Mathelo. The ammonia and urea capacity of 

each plant is given in the following table [2]: 

 Table 1 FFC Ammonia and Urea Production Stats  

The scope of this project covers the FFC urea plants located in Goth Machhi. 

Ammonia is used as a raw material for the production of urea. The FFC 

manufactures ammonia which is used in the production of urea by the reforming 

of Mari gas. Mari gas is a non-renewable natural resource which is depleting due 

to high consumption rates. FFC plant 1 and 2 utilize 184 (MMSCFD) of Mari gas 

[3]. The depletion of Mari reserves at Daharki has cause FFC to look for 

alternatives for its raw material from Mari gas to something else. Meanwhile the 

load shedding of Mari gas to the production plants continues. The accessible 

alternative to deal with the shortfall of the process gas is to import re-gasified 

liquified natural gas (RLNG) and use a mixture of Mari gas and LNG as the process 

gas for production of ammonia and urea subsequently. But introduction of RLNG 

Sr. No. Plant Name Plant 

Location 

Ammonia 

Production 

(MT/Year) 

Urea 

Production 

(MT/Year) 

1. Base Unit-

Goth Machhi 

Goth Machhi 403,000 695,000 

2. Expansion 

Unit-Goth 

Machhi 

Goth Machhi 363,000 635,000 

3. Mirpur 

Mathelo Unit 

Mirpur 

Mathelo 

413,000 718,000 
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to the feed gas changes its composition hence changing the operational 

requirements of the process.  

Mari gas supplied to FFC plant 1 and 2 from Daharki has following composition: 

 

 Table 2 Mari gas Composition 

The Mari gas supplied to FFC urea plant is utilized as process gas as well as fuel. 

The focus of this research project is to determine a ratio of Mari gas and RLNG as 

a process gas which shall produce profitable urea without major alterations to the 

standing Ammonia-Urea plant. 

The project entails a detailed study and analysis of using mixture of RLNG and Mari 

gas as a feed stream to the plant providing a cost and safety analysis to anticipate 

the feasibility of using RLNG as a partial substitute of Mari gas. The focus of the 

project is to investigate and anticipate the impact of changing feed on the plant 

and how will it affect the production of urea in terms of plant’s operating 

conditions and economics.  

1.2 Introduction to Ammonia: 

Ammonia as a chemical compound having no colour with a piquant odourl and 

alkaline in nature. Naturally, ammonia is very scarce and is produced as a result 

of degradation of organic molecules like proteins present in plants and animal 

wastes. Ammonia is consistently and constantly is being produced in soil based on 

the rate of microbial activity and conditions of the soil [4]. Artificially ammonia is 

produced majorly using the Haber’s process. Ammonia is the among the top ten 

large scale commercially produced chemicals and around 130 million tonnes of 

ammonia are produced annually [5]. Majorly ammonia is used to produce 

Mari gas Components Moles 

Nitrogen 337 

Carbon dioxide 149.73 

Methane 1494.5 

Ethane 3.75 

Propane 0 

Butane 0 
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fertilizers as it is too volatile to be directly introduced to plants as a nitrogen 

substitute. 

1.2.1 Chemical and Physical Properties of Ammonia: 

Ammonia is a polar covalent compound which has hydrogen bonding among its 

molecules. Ammonia is a good organic solvent due to its lower dielectric constant. 

Following are the chemical and physical properties of ammonia:   

Figure 1 Structure of Ammonia molecule 
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Table 3 Physical Properties of Ammonia 
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1.2.2 Chemical Reactivity of Ammonia: 

1.2.2.1 Combustion: 

Combustion of Ammonia is difficult as it requires a lot of energy to produce 𝑁2 gas 

and water. 

4𝑁𝐻3 + 3𝑂2+ heat → 2𝑁2 + 6𝐻2O 

However, in the presence of catalyst NOx’s are produced 

1.2.2.2 Reaction with water: 

Ammonia on it own dissolve in water with release of heat. 

𝑁𝐻3 + 𝐻2O ⇌ 𝑁𝐻4
+ + 𝑂𝐻− 

NH4OH is basically aqueous solution of ammonia and is basic in nature. In 

equilibrium 

Molar solution of 1.0 of NH3 produces 4.2 milli moles of hydroxide ion. 

1.2.2.3 Self-dissociation Reaction: 

Ammonia undergoes auto ionization like water to its acid and base conjugate.  

2𝑁𝐻3 (aq) ⇌ 𝑁𝐻4
+ (aq) + 𝑁𝐻2

− (aq) 

NH3 is a weak base. 

1.2.3 Applications and Uses of Ammonia:  

Following are the major applications of ammonia: 

1.2.3.1 Fertilizer Production: 

Mainly ammonia is used in the manufacturing and production of fertilizers. It 

serves as a best nitrogen based nutrient supply for the soil which helps in 

production of food crops. Ammonia cannot be directly introduced to the soil due 

to its volatility but is 1.2.3.2 Water Purification: 

Ammonia is used in purification of water supplies. It is used to produce mono-

chloro-amine which is used as a disinfectant and helps in purifying water thus 

reducing the risk of water borne diseases. 
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1.2.3.3 Cleaner purposes: 

Ammonia is used as cleaning purposes in household which is usually ammonium 

hydroxide. It is mostly used in cleaning of stainless steel, ovens and soaking things. 

The ammonia used in household usually consist of 5 to 10 % of ammonia. 

1.2.3.4 Fermentation process: 

In fermentation industry the solution of ammonia (having 16% to 24% ammonia) 

is used in industry of fermentation. They are the source of N2 for microorganism 

and vary pH level during fermentation process, 

1.2.3.5 Refrigeration: 

It is used as a refrigerant gas and used in ACs because it can adsorb huge amount 

of heat from outside refrigerator. 

1.2.3.6 Textile: 

Ammonia can also be used in the making of synthetic fibre such rayon and nylon 

fabric. It can be used in dyeing and scouring of silk, cotton, and wool. 

1.2.3.7 Other Industrial Uses: 

 Many products are made of ammonia which includes plastics, explosives, fabrics, 

dyes, and pesticides. It is used as stabilizer to carry out several functions. It is used 

in  

the manufacturing of compounds like nitric acid, Hydrogen cyanide, Ammonium 

carbonate and many other compounds. 

 

Figure 2 Applications of Ammonia 
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1.2.3.8 Ammonia as Energy Transporter: 

Ammonia due to its flexible nature and being carbon free carrier offers good 

energy density as compared to compressed air. These properties of ammonia 

suggest that it can be useful in the future for the transportation purposed and 

power houses. 

 

Figure 3 Power plant using ammonia as energy carrier 
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CHAPTER 2 

LITERATURE REVIEW 

 

Ammonia is made of two elements nitrogen and hydrogen, formed from a gas 

phase mixture of the aforementioned in a ratio of almost 1 to 3, with the formula 

NH₃. It is a stationary binary hydride, and the most simplistic pnictogen hydride, 

Ammonia has no color of its gas and a pungent odour. Either advertently or 

indirectly, ammonia considered as the basic component material for the 

integration of many pharmaceutical goods.  

Before the Haber-Bosch Process, NH3 was accumulated from the process of dry 

distillation of nitrogen compound vegetable. Reduction of nitrous acid is done by 

distillation or nitrites with hydrogen. It was also obtained when coal was distilled 

or when ammonium salts were decomposed by alkaline hydroxides. 

2.1 Haber Bosch Process: 

Following are some of the typical processes used in the manufacture of NH3 by 

Haber Bosch process; steam reforming in primary reformer, air in secondary 

reformer, Water gas shift, removal of carbon oxides, syntheses of Ammonia and 

finally discarding of un-necessory gases. This process is even more cheap, in terms 

of consumption of energy when excess air in the secondary reforming is rescued 

and when the reforming gas is treated with different hydrogen rich steam and 

returns that steam to the synthesis gas. After carbon monoxide is removed, the 

reformer product gas is then compressed by, at the least, 50 per cent, if no more. 

The same process consequently can also occur at a plant which has a gas 

circulator, even if the plant does not have an air compressor. The synthesis gas is 

kept at a pressure of about 40 to 80 bar abs. The temperature of about range 350 

to 430 C is usually provided or maintained at the outlet, in a presence of catalyst 

consisting of cobalt, iron and other reaction promoting compounds. From other 

stream of the reformer product gas, the hydrogen-rich stream is recovered. 
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2.2 Ammonia Production Using Naphtha: 

Ammonia is produced in plants, which can be used as feed for Naphtha acts as a 

production of hydrogen, while the required amount of N2 is extracted from the air. 

Naphtha feed, which tends to have a higher carbon to hydrogen ratio (CHR), when 

is worked with, the generated CO2 tends to be excessive. In a R-LNG the CO2, that 

is generated, is quite less, naptha has higher CRH then ammonia. The ammonia 

production is a process which can be divided into 2 sections: Syngas Production 

(preparation of feedstock) and Synthesis of ammonia. 

2.2.1 Syngas Production 

This part of the process includes desulphurisation, steam reforming which is done 

in primary reformer, air reforming (secondary reforming), methanation, water 

gas shift reactions of carbon monoxide, and removal of carbon dioxide. 

The process of desulphurisation is then further divided into 2 parts: pre-

desulphurisation, or PDS, and final desulphurization, or FDS. In Pre-

desulphurisation, sulphur compounds, which are organic removal is done by 

converting them to hydrogen sulphides, with the use of a catalyst. This then is 

separated from the inlet by distillation.  

2.2.2 Ammonia Synthesis 

In this process the nitrogen and hydrogen reacts in a ratio of 1 and 3 to form 

ammonia, referred to as synthesis gas or syngas. For that, the reaction of 

reformation is split into 2 sections: primary reformer and secondary reformer. 

In primary reforming, where there is steam, hydrocarbon reforming takes place. 

This is a controlled reaction, in order to maintain a percentage of 10.5% of the gas 

which is present in product stream, that is actually needed to perform overall air 

reforming which is done in secondary reformer. But when using natural gas, the 

gas now sulphur free, is fed to steam and endothermic reaction in nature takes 

place and metallic nickel is used as a catalyst in the primary reformer. 

In secondary reformer, the nitrogen, by air reforming, is obtained for ammonia 

synthesis. By combustion of molecules of the mixture of gases in air, heat is 

supplied here. The gas being burnt then provides the heat which is then used for 

the reforming process or what is left of it. Whereas after the reforming section is 
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done, the product stream consists of H2, N2, CO, CO2, and 0.3 mol% of unreacted 

hydrocarbons. And Since only pure nitrogen and pure hydrogen gases are needed 

for ammonia synthesis, any carbon oxide is removed, as it is also necessary, from 

the raw Syngas. For the secondary reformer using natural gas, the processed gas 

exits the primary reformer and then enters a secondary reformer. Compressed 

and processed air from the atmosphere is then heated in the convection zone. An 

air gas reaction then occurs at the upper available space of the secondary 

reformer. The reformer output stream may contain carbon monoxide and some 

varying amounts of carbon Dioxide, but that amount is dependent upon the 

process technology and feedstock. Carbon oxides are removed from the equation 

using shift converters and Carbon Dioxide absorbers.  

In a Water gas shift converter, the CO is the reducing agent for water to produce 

hydrogen and carbon dioxide gases. The carbon Monoxide is thus converted 

promptly into removable carbon dioxide. The carbon Dioxide is then removed by 

absorbing in 0.31 mol % MDEA (methyl di-ethanol-amine.) Even after a shift 

reaction and the removal of carbon dioxide from the stream, the output stream 

still consists of some traces of carbon monoxide and carbon dioxide. Whereas, 

when it comes to using natural gas, the gases that are exiting the secondary 

reformer after the reaction are extremely hot. The heat that is obtained from these 

gases is then utilised to produce a high-pressure stream. This high-pressure 

stream then is used to run a high-pressure turbine. Here the process of the shift 

converter can be divided further into 2 parts: High temperature shift converter 

and low temperature shift converter. 

In a high temperature shift converter, the gases from the secondary reformer are 

cooled down by passing them through a waste heat reboiler. The reformed gas 

from the secondary converter now contains some carbon monoxide. The carbon 

monoxide is then converted into carbon dioxide by oxidising it by reacting carbon 

monoxide with steam. Iron oxide is already present in the gas and is used as a 

catalyst here to speed and help the oxidation reaction. On the other hand, in a low 

temperature shift converter, the gas is cooled down by passing it through a waste 

heat re-boiler. The gas, which has now been cooled, is fed to an LTS and here it 

reacts with steam. Copper (II) Oxide is used as a catalyst and passing the gas 
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through the LTS helps to dilute the concentration of carbon monoxide in the gas. 

The gas still contains carbon dioxide and carbon monoxide. Carbon dioxide is 

removed from the gas with a process known as "Benfield System." During this 

process, Carbon dioxide is absorbed by the Benfield solution, which consists of hot 

potassium carbonate K2CO3, potassium bicarbonate KHCO3, diethanolamine 

(DEA) as a promoter and potassium metavanadate KVO3 as a corrosion inhibitor. 

Packed bed absorbers containing Pall Rings absorb carbon dioxide. The gas 

injected from the bottom is then sprayed with the Benfield solution from the top. 

The solution then flows down and absorbs carbon dioxide from the gas and is then 

called Rich carbon dioxide solution. This solution is then passed onto the stripping 

tower from an outlet at the bottom and is regenerated into Benfield solution again. 

Of all the processes involved that tend to remove carbon oxides from the stream, 

methanation might be the simplest one, but that still does not mean it is easy. This 

method is used to lower the carbon dioxide concentration in the output stream to 

below 10 ppm. The stream outputting after methanation has a composition of 

nitrogen gas to hydrogen gas of 1 to 3 and is referred to as syngas. Even for the 

methanation of the stream, natural gas is required as that stream too has carbon 

monoxide and carbon dioxide. Here carbon Monoxide and carbon Dioxide are 

converted into methane gas. This is a reverse process to hydrogenation reaction 

and methane is not a catalyst poisoning agent. 

2.3 Alternatives to Haber-Bosch process: 

Ammonia has a great importance in production of hydrogen in future as it is a good 

source of hydrogen. Even though ammonia, for a large percentage of global 

production, is used for the production of fertilisers, it has also been used as a fuel 

for space heating and in transport vehicles. Ammonia is produced through Haber-

Bosch process, a well-known and a very energy and capital taking process at the 

present, and is considered to be an good energy storage source, moreover, the 

infrastructure for its transport is readily available and its distribution is also 

readily available in many countries throughout the world. 

There are many new process which are under way, in order to search for the more 

efficient and cheap processes of excellent ammonia production growth forecast. 

The electrochemical tracks, among these methods, have the potential to 
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extensively decrease the energy feed. It also has the potential to easy operate the 

reactor plans and to decrease the difficulty and expenses of the balance of plants 

as contrasted to the traditional ammonia generation techniques.  

2.3.1 R-LNG (as compared to other fuels): 

Process of Naphtha reforming in presence of steam and usage of Naphtha as a fuel, 

the ammonia plant was designed. Whereas another type of plant of ammonia is 

being designed for natural gas as the fuel. The plant allows the usage of R-LNG 

feed, Naphtha feed or mixed feed. The R-LNG can also be used as a fuel for the feed 

re-heaters or the primary reformer. Although, in order for the R-LNG to be used, 

new and additional equipment is needed to be incorporated. Some alterations or 

modifications are also required to some of the processes or process parameters in 

order to accommodate the overall changes in the whole process and overall 

reforming process and reaction. The industry is looking to make a switch from 

Naphtha or natural gas to R-LNG when it comes to the ammonia production. This 

is a plausible effort by the industry folks to utilise cleaner and cheaper feed stocks 

or fuel. This helps the industry to achieve a reduction in consumption of energy in 

the syngas unit varily. Using a Life Cycle Assessment or an LCA, different methods 

for the production of ammonia can be compared and evaluated. The first ammonia 

production system consists of an electrolyser for the production of hydrogen gas 

and a Haber-Bosch plant for the process of ammonia synthesis. Many resources 

can be utilised to fulfil the energy requirements of the system, hydropower sector, 

nuclear power, biomass, or waste of munciple. The LCA, or the check the cycle of 

life, methodology is utilised to identify the quality of environmental effects in 

increasing earth temperature potential, abiotic depletion, or toxicity of human. 

Each type of category is assessed during the LCA for each method. Whilst the 

unfamiliar production of ammonia options are carried competitively in terms of 

environmental effects, and energy and energy efficiency, both are treated as 

important criteria for practical application of ammonia production. It can be 

inferred from the check the life cycle, or the LCA results that municipal waste 

incineration plants, or the hydropower-based ammonia production methods have 

the least environmental impact as compared to other considered methods. The 

greenhouse gas emission which prediction is done already, or the GHG, is 

calculated for carbon dioxide emission per production of kg of ammonia. The 
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index of sustainability values are also calculated according to the comparatively 

evaluated energy and energy efficiencies of the system, which also serves as an 

indicator of any potential improvement.  

Using glucose as a substrate, the production of bio-hydrogen was investigated for 

the ammonia inhibition-I batch and continuous flow reactors. The rate of 

production of bio-hydrogen was highly dependent on the pH and the 

concentration of ammonia. In batch tests, the yield of hydrogen remained 

relatively constant, but in continuous flow tests, yields of hydrogen and rate of 

production of hydrogen, both were adversely affected by ammonia.  

There has been a proposal of using hydrogen as a source of fuel cells thanks to the 

catalytic decomposition of ammonia. However, the catalyst required is ruthenium, 

which is quite costly. Even though there are many connections for the catalyst 

activity that imply that there are many potential and useful alternatives, but the 

particular candidate differs. 

Changes to Traditional Plant to Accommodate the Usage of R-LNG 

LNG Preheater 

In order to preheat the natural gas a heater is required. Cylindrical draft type 

heaters are being used by using fuel which is natural gas. 

New Sulphur Absorbers 

The PDS, or pre-desulphurisation, is eliminated from the overall process as the 

sulphur content in the feed stream is low. Only the FDS, or the final 

desulphurisation, section remains a part of the process in the flow line. In a single 

sulphur absorber, the accessible volume of sulphur absorption catalyst is not 

enough to give a consistent catalyst continuance. A new sulphur absorber is placed 

upstream, as it is necessary, and as such the existing comes at the downstream 

position. Here, the absorber tends to act as a backup absorber in a case when the 

new absorber is removed or is not in service for catalyst replacement, or if sulphur 

breakthroughs from the new absorber. Now, desulphurisation is referred to as 

hydro-desulfurization and now consists of 2 processes; first, the organic contents 

of sulphur are being converted into hydrogen sulphide in a hydrogenator and then 

the hydrogen sulphide is removed by absorbing it in the sulphur absorbers. Each 
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has its own catalyst bed consisting of a high-density zinc oxide as the catalyst. The 

benefit of uniquely tailored fluid units, its robustness and dependability are the 

working temperature.  

Modification & Rerouting of Piping around HDS 

After the new reactor is installed, some alterations or modifications are required. 

An additional upstream inlet is required for water for the existing hydrogenation 

reactor, as R-LNG is being used as feedstock, for suppression of all reactions taking 

place in reactor that involves hydrocracking. It is because there is no moisture in 

R-LNG. 

Reformer Burners 

The traditional ammonia production plants use primary reformers designed for 

the vaporised Naphtha combustion along with off gasses that ae present in nozzle, 

but volumetric flow of the fuel is increased when the feedstock is switched to R-

LNG from commonly used Naptha, and there is need to install new burners that 

have dual nozzel. Moreover, fuel headers size is not sufficient for the massive 

volumetric flow in case of R-LNG feedstock. If the current fuel headers are to be 

used, this can result in maldistribution of the fuel present in burner as there will 

be a great drop in the pressure. A fuel header is needed, suitable or compatible 

with the usage for R-LNG and the fuel headers can be used for off gas combustion 

as well as for Naptha.  

Fuel Preheater for LNG  

Normally supply of Regasified Natural Gas is at a battery limit, the 

depressurisation of the pressure of fuel gas will result in a notable decrease in 

temperature. There is will be suitable to install a new fuel preheater  

Mixing Point of Feed Stream  

As plant has capacity to continues its operation both for LNG as well as Naptha, it 

is mandatory to have an accurate method for measuring amount of carbon 

present in feed so control of steam to carbon ratio will become easy. A vortex 

flow meter is installed for this very purpose along with flow orifice already 

present in the bypass over the existing feed control valve. On basis of large range 



15 
 

of flows measurements, determination of feed’s molecular weight has become 

easy and straightforward.  

2.4 Carbon Deposition in Steam Reforming and Methanation 

2.4.1 Structure of Carbon & Coke 

Carbon is a outlet of carbon monoxide incongruity while coking is manufactured 

from breakdown or reduction of feed on metals. Actually the coke forms, 

nevertheless, varies from high molecular weight hydrocarbons to carbon, depends 

upon the condition under which the coking started and forged or carbon or coke 

species are seen in reforming with steam; whisker like carbon formed at higher 

temperatures and including hydrocarbon films made by polymerization or 

pyrolytic carbon from cracking of hydrocarbons. Recent studies of the a very good 

nickel having a bonding and structure of carbon on it and covers by diffraction 

(LEED) and Auger electron spectroscopy (AES) confirm the presence of 

"dispersed" or atomic carbon stable and polymerized carbon stable. 

2.4.2 Removal 

One of the major and severe problems in conventional steam reforming using R-

LNG is the formation of coke. The usual molar ratio of steam to methane that is 

done in steam reformer or the initial composition, with or feed is with oxygen and 

it is well distributed in the tubes of primary reformer reactor. It is quite clear that 

adding the oxygen will help move the system far from the boundary because O2 

aids to prevent the formation of the coke deposits inside the tubes of primary 

reformer, as its importantly know all the process take place under catalyst. 

Extracting hydrogen gas leads to the travel of the reactant side operation point 

along a line directed away. Extraction of hydrogen might very well, by permeation, 

not lead any greater chances of deposition of carbon may actually reduce the 

formation of the coke. This is a very crucial search with practical demonstration, 

and it is also notable that there have not been any idea of for formation of coke in 

the FDMR reactor, as usually hydrogen removal, like decreasing the amount of 

water will also increase the formation of carbon on tubes of reformer. Although it 

can reasonably be inferred that there is still a great need for confirmation that if it 

will be this way for the longer duration of the processes or operations that the 

approximated hours of the experimentatio 
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CHAPTER 3 

AMMONIA PRODUCTION PROCESS AT FFC 

 

In Pakistan, Ammonia preparation plants extract H2 from a hydrocarbon in the 

form of natural gas. And as with all Ammonia preparation plants, N2 is distilled 

from atmospheric air. Some of the processes of utmost importance, when it comes 

to preparation of Ammonia, are mentioned below: 

Hydrogen (H2) and Nitrogen (N2) are mixed, the resultant compound is called 

Ammonia. The H2 to N2 ratio is 3 to 1, respectively. The mixture might also contain, 

to a limited degree, some inert gases, i.e. Argon or Methane. 

In the desulphurization section, the process gas is utterly desulphurized. 

The Hydrocarbon, now desulphurized, is now converted to raw synthesis gas, 

collectively with steam and air. This gas contains Hydrogen, Nitrogen, Carbon 

Dioxide, and Carbon Monoxide. This reformation happens at approx. 30 Kg/cm2. 

During Gas Purification, Carbon Monoxide is converted into Carbon Dioxide and 

Hydrogen, and then Carbon Dioxide is removed by absorbing it into The Benfield 

Solution. 

In Ammonia Synthesis, using a catalytic reaction, the purified synthesis gas is then 

converted into Ammonia, after being compressed to a pressure of 260 Kg/cm2. 

3.1 Desulphurization: 

The natural gas that is supplied to the plant, is kept at a pressure between 38-45 

Kg/cm2, as a pressure of approx. 40 Kg/cm2 is required for the process. The 

natural gas is then heated in a preheater and passed through a de-sulphizer, where 

the sulphur in the natural gas is removed. But it is normally bypassed since no 

sulphur is present in current feed. 

3.2 Primary Steam Reforming 

After then the feed which is sulphur-free gas with steam. The following is the 

resultant reaction of Methane and Steam. 
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Steam reforming reaction. 

CH4+ H2O → CO + 3H2 

CO + H2O → CO2 + H2 

This highly endothermic reaction contains metallic Nickel as the catalyst in the 

primary reformer. 

3.3 Secondary Reformer: 

Processed gas, from the primary reformer, now enters a secondary reformer. In 

the convection zone, compressed, processed air from the atmosphere is heated. 

In the upper, available space of secondary reformer, an air gas reaction occurs. 

There is a High gas temperature at the bottom and front of the catalyst bed, 

because of the combustion of air. 950 oC is the approx. exit temperature, whereas 

the reaction, in contact with the catalyst, will occur at approx. 1100-1200 oC. 

3.4 Shift Conversion: 

The gases, exiting secondary reformer, are extremely hot and tend to have a 

temperature of more than 1000 oC.  The heat from these gases is then utilized in 

the production of high-pressure steam, which tends to be of approx. 34 Kg/cm2 

pressure. This high-pressure steam is then used to run a high-pressure turbine. 

The process of shift conversion is divided into two steps.  

3.4.1 High-Temperature Shift Converter: 

Hot gases, from the secondary reformer, are then cooled down to a temperature 

of 336 oC, after passing them through a waste heat re-boiler. The now reformed 

gas, from the secondary reformer, contains about 11.9% CO. This CO is oxidized 

into CO2 by reaction with steam, using Iron Oxide as the catalyst, that is already 

present in the gas. 

CO + H2O → CO2 + H2 

3.4.2 Low-Temperature Shift Converter: 

The gas, with the temperature of up to 430 oC, is cooled to a temperature of 203 oC 

by passing it through waste heat re-boiler. Now cooled gas is fed to LTS, where it 



18 
 

again reacts with steam and CuO is used as the catalyst. After passing through LTS, 

CO's concentration is lessened to approx. 0.18%. 

CO + H2O → CO2 + H2 

3.5 Carbon Dioxide Removal: 

The gas now contains 18.5% CO2 and 0.18% CO. The CO2 is removed from the gas 

by a process called "Benfield System." 

During this process, CO2 is absorbed by the Benfield Solution, that is the Pot. 

Carbonate Solution. 

Packed bed absorbers, containing Pall Rings, absorb CO2. Gas injected from the 

bottom is sprayed with The Benfield Solution, from the top. The solution flows 

down and is called Rich CO2 solution. 

The gas, consisting of 0.1% CO2, is released from the top, and the CO2 Rich solution 

is passed on to the stripping tower, from the bottom, where it is regenerated into 

Benfield Solution again. 

3.5.1 Regeneration of the Benfield Solution: 

Regeneration of The Benfield Solution occurs in the stripper, in which, CO2 is 

divested from the Rich CO2 Benfield Solution. 

The operation conditions for stripper are:   

1. High temperature  

2. Low pressure 

The solution enters from the top of the stripper and passes through many plates 

and sieves. The stripper operates at a low and high temperature. The CO2-free 

solution is then sent back to the absorber from the bottom. LS provides the heat 

in the stripper. The excess CO2 is then transported to a Urea Preparation Plant. 

3.6 Methanator: 

The gas still consisting of CO and CO2. CO and CO2 are then converted into Methane. 

The process is an inverse of a reforming process and is an exothermic 

hydrogenation reaction. Methane is not a catalyst poisoning agent. 
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3.7 Ammonia Synthesis & Refrigeration: 

The synthesised gas, after being compressed to a pressure of approx. 250 Kg/cm2, 

is passed to an axial radial flow converter at a temperature of about 380-520 oC. 

The gas is passed over Iron which acts as a catalyst, and about 33% of the gas is 

converted into Ammonia. The reaction effluent is cooled Ammonia, which liquified 

and separated. The un-reacted gas is recycled. 

Main steps involved are:   

1. Synthesis gas compression and recycle of unreacted gas.   

2. Separation of ammonia and refrigeration.   

3. Ammonia storage. 

3.8 Compression of Synthesized Gas & Recycling of Unreacted 

Gas: 

Synthesized gas is compressed from a pressure of 26 Kg/cm2 to a pressure of 250 

Kg/cm2, with a 4-case centrifugal compressor. The last casing contains a re-

circulator, with an impeller and adjustable inlet guide vanes, and re-circulator 

raises the pressure of the recycled gas, to the extent of pressure drop in the 

synthesis loop. A set of 2 turbines runs the compressor, extracting and condensing 

the steam. These turbines are provided with 100 Kg/cm2 steam, produced in The 

Ammonia Plant. Steam is extracted at approx. 37 Kg/cm2 and is used for the 

turbines. 

3.9 Synthesis Loop Cooling & Purging: 

A synthesis loop consists of an axial radial converter. The gas flows through 3 

catalyst beds, in the inward direction. 

The gas is inserted in the loop, after compression, in between 2 Ammonia chillers. 

This removes the minute traces of CO2 and H2O vapours in the methanator. Failure 

to remove these can result in the formation of Carbamate, which is corrosive to 

the catalyst. In exchanger, the mixture is chilled, and Ammonia is liquified and 

extracted in an Ammonia Separator. The gas, from the separator, is heated in the 

exchanger. The gas's pressure is raised by passing it through re-circulator. The gas 

is further heated in an exchanger tube side and admitted to the converter. 
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3.10 Separation & Refrigeration of Ammonia: 

Converter effluent, consisting of Synthesized Ammonia, unreacted gas (after 

cooling), is purged and mixed with make-up synthesis gas and is further cooled in 

the II chiller. Liquid Ammonia is separated in a separator. Liquid Ammonia is then 

inserted, from a separator, in a down Vessel, and its pressure is reduced to approx. 

25 Kg/cm2. Ammonia is then supplied to a Urea Plant directly from this vessel. The 

excessive liquid Ammonia, from Knock-out drums, is depressurized to 3.5 Kg/cm2 

and is sent to Ammonia Storage. Some Ammonia from that storage is recycled for 

refrigeration loop,that consists of a compressor, condensers, and a Knock-out 

vessel. 
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3.11 Process Flow Diagram (PFD): 

                                                                      Figure 4 Process Flow Diagram for ammonia production 
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CHAPTER 4 

MATERIAL BALANCE 

 

In this chapter, we did material balance to find out the impact of new feed on the 

plant. The manual calculations were done by hand and also on excel sheet for 

further improvements. Material balance on reactors and separation columns and 

Benfield section was applied as they are the main units installed.  

 1 kgmol/day was taken as the basis of the material balance and the plant was 

assumed to be at steady state, implying there is no accumulation. Process flow 

diagrams are also been added for reference and to understand process. 

Furthermore, equations and formulas are given where required and tables are 

been formed to show input and output streams of raw materials and products.  

Material Balance is important because it tells us about flow rates and how the 

equipment is handling and doing the required job. Usually we apply law of 

conservation of mass for material balance that says that mass can neither be 

created nor destroyed. 

4.1 Material balance on Reactors: 

To apply material balance on the reactors following steps were followed: 

1. The material balance was applied on basis of one hour. 

2. Steady state process was assumed meaning no accumulation. 

In – out = Generation - Consumption + Accumulation 

Applying steady state process condition (Accumulation=0) 

In – out = Generation - Consumption 

3. All the units were converted into kgmol 

4. Conversions of each reactor occurring in the reactor were calculated 

Conversion (%) = 
Moles in feed stream−Moles in product stream

Moles in feed stream
 * 100 

5. These conversions were then used to find the moles of reactant of each 

reaction. 
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4.1.1 Primary Reformer: 

Following are the reactions and their conversions that occur in primary reformer: 

𝐶𝐻4  +   𝐻2𝑂 →  𝐶𝑂  +  3𝐻2                 Conversion=72% 

𝐶𝑂 +   𝐻2𝑂 →  𝐶𝑂2  +  𝐻2                    Conversion=48% 

𝐶2𝐻6 + 4𝐻2𝑂 →  2𝐶𝑂2  +  7𝐻2            Conversion=100% 

𝐶2𝐻8 + 6𝐻2𝑂 → 3𝐶𝑂2  +  10𝐻2           Conversion=100% 

𝐶4𝐻10 + 8𝐻2𝑂 → 4𝐶𝑂2  +  13𝐻2         Conversion=100% 

 

 

Table 4 Primary reformer 
material balance 

 

 

 

 

 

 

4.1.2 Secondary Reformer: 

2𝐻2  +   𝑂2 → 2𝐻2𝑂                              Conversion=100% 

𝐶𝐻4  +   2𝑂2 → 𝐶𝑂2  +  2𝐻2𝑂             Conversion=100% 

2𝐶𝑂 +   𝑂2 →  2𝐶𝑂2                             Conversion=100% 

𝐶𝐻4  +   𝐻2𝑂 → 𝐶𝑂  +  3𝐻2                 Conversion=90% 

𝐶𝑂2  +  𝐻2 → 𝐶𝑂  +  𝐻2𝑂                     Conversion=100% 

Primary Reformer (PR) 

Components In Out (5) 
 (3) 

Nitrogen 235.85 235.87 
Carbon dioxide 104.52 747.98 

Methane 1604.68 449.32 
Ethane 29.61 0 

Propane 6.50 0 
Butane 2.47 0 
Water 5775 3887.72 

Hydrogen 0 4324.45 
Carbon monoxide 0 600.8 

Total moles 7759 10246.1 
Figure 5 Primary Reformer Table 5 Primary reformer material 

balance 
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4.1.3 High Temperature Shift Reactor: 

In the high temperature shift reactor CO is converted into CO2 in the presence of 

iron oxide catalyst.  

𝐶𝑂 +   𝐻2𝑂  →  𝐶𝑂2  +  𝐻2 Conversion=48% 

                                 Table 7 Material balance of HTS reactor      

 

 

                                                                            

Secondary Reformer (SR) 
Components In Out (6) 

PR Outlet 
(5) 

Air (4) 

Nitrogen 235.87 1229.85 1465.7 
Carbon dioxide 747.98 0.49 747.98 

Methane 449.32 0 36.64 
Water 3887.72 7.827 4144.6 

Hydrogen 4324.45 0 4900.8 
Carbon monoxide 600.8 0 1013.45 

Oxygen 0 330.8 0 
Argon 0 14.85 14.85 

Total moles 10246.4 1583.8 12324.0 

Table 6 Material balance of Secondary Reformer 

High temperature Shift  

Components In (6) Out (7) 
SR Outlet To LTS 

Nitrogen 1465.7 1465.7 
Carbon dioxide 747.98 1528.33 

Methane 36.64 36.64 
Water 4144.6 3364.24 

Hydrogen 4900.8 5681.15 
Carbon monoxide 1013.45 233.093 

Argon 14.85 14.85 
Total moles 12324.2 12324.1 

Figure 6 Secondary Reformer 

Figure 7 HTS Reactor 



25 
 

4.1.4 Low Temperature Shift Reactor: 

In the LTS reactor remaining CO is being converted into CO2 in the presence of CuO 

catalyst. The material balance of the reactor is as follows: 

𝐶𝑂 +   𝐻2𝑂   →  𝐶𝑂2  +  𝐻2              Conversion = 92% 

                                                                                      

 

 

4.1.5 Methanator: 

In the Methanator, CO and CO2 are removed from the process stream by converting 

them into methane and water. 

𝐶𝑂2  +   4𝐻2  →  𝐶𝐻4  +  2𝐻2𝑂                   Conversion=100% 

𝐶𝑂 +   3𝐻2 →  𝐶𝐻4  +  𝐻2𝑂                     Conversion=100% 

 

Low Temperature Shift 

Components In Out 

Nitrogen 1465.7 1465.7 

Carbon dioxide 1528.33 1742.78 

Methane 36.64 36.64 

Water 3364.24 3149.79 

Hydrogen 5681.15 5895.60 

Carbon monoxide 233.09 18.64 

Argon 14.85 14.85 

Total moles 12324.02 12324.01 

Methanator 

Components IN (10) OUT (11) 

Nitrogen 1425.902 1425.90 

Carbon dioxide 7.413 0 

Methane 35.76 61.38 

Water 41.49 74.5 

Hydrogen 5744.6 5660.3 

Carbon monoxide 18.207 0 

Argon 12.903 12.90 

Total moles 7286.3 7235.1 

Figure 8 LTS Reactor Table 8 Material balance of LTS 

 

Figure 9 Methanator Reactor Table 9 Material balance of methanator 
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4.1.6 Ammonia Reactor: 

 

 

 

 

 

𝑁2  +   3𝐻2  →    2𝑁𝐻3     +    𝑁2  Conversion=29.3% 

 

 

 

 

 

 

  

Ammonia Reactor 

Components IN (14) OUT (15) 

Nitrogen 4645.45 3275.04 

Methane 3218.55 3218.55 

Hydrogen 102651.1 98539.92 

Ammonia  3413.597 6154.418 

Argon 625.55 625.55 

Total moles 114554.3 207078.3 

Figure 10 Ammonia Reactor 
 

Table 10 Material balance of ammonia reactor 
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4.2 Material balance on Benfield Section: 

Material balance of the Benfield section, in which CO2 is stripped off from the 

process stream before it moves to the ammonia reactor, is as follows: 

 

 

 

 

 

Figure 11 Benfield Section 

Table 11 Material balance of Benfield Section 

From Steam

1465.7 0

1742.78 0

36.64 0

3149.79 691

5895.6 0

18.647 0

14.85 0

12324 691

Benfield Condensate Condensate

Nitrogen 4.67 1460.86 0.164 0

Benfield Section

Components
In Out

CO2 to Urea To Methanator

Carbon dioxide 1731.7 7.595 3.4856 0

Methane 0 36.64 0 0

Water 95.214 42.517 715.81 2987.228

Hydrogen 9.216 5885.497 0.9778 0

Total 1842.4305 7464.975 720.4374 2987.228

Carbon monoxide 0 18.647 0 0

Argon 1.6305 13.219 0 0
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4.3 Material balance on Separator: 

 

  

 

 

Separator 

Components IN Out 

11 20 19 14 17 

Nitrogen 1425.9 0.0072 3220.74 4645.45 1.17 

Methane 61.38 0.1198 3170.63 3218.55 13.57 

hydrogen 5660.4 0.3568 97032.34 102651.1 41.93 

argon 12.9 0.0376 616.88 625.55 4.27 

Ammonia 0 21.4122 6056.38 3413.59 2664.5 

Total moles 7160.6 21.9 110096.9 114554.3 2725.4 

Table 12 Material balance of separator 

Figure 12 Separator 
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CHAPTER 5 

ENERGY BALANCE 

In this chapter, energy balance of on the ammonia plant using mixed feed of LNG 

and Mari gas was applied. The manual calculations were done by hand and also on 

excel sheet for further improvements. Energy balance on furnace, reactor, 

compressors, and multiple heat exchangers was applied as they are the main units 

impacted by the changed feed.  

The main equation used in this balance was the law of conservation of energy i.e. 

energy of input streams will be equal to outlet streams if there is no accumulation 

or generation of energy. Equations and formulas are given where required and 

tables are been formed to show input and output streams of raw materials and 

products. Energy balance is very important because it provides information about 

heat input, output, accumulation, and temperatures of streams etc.  

Values of different factors such as specific heats were either taken from Perry’s 

chemical engineering or by using Aspen HYSYS (As it gives values of Cp, Cv, average 

temperatures etc.). Temperatures of different streams were taken from the 

literature review or from different research papers. 

5.1 Assumptions and formulas used in energy balance: 

Following assumptions were made for the energy balance of the plant: 

1. The process is considered as steady state process which implies: 

∆𝑈 +  ∆𝐸𝑘 +  ∆𝐸𝑝 =  𝑄 −  𝑊𝑠 +  𝑊𝑓𝑙 

                                                                    ∆𝐸𝑘 =  ∆𝐸𝑝 =  0      

                                                                     ∆𝐻  =  𝑄 +  𝑊𝑓𝑙 

2. For energy balance of a component of a plant involving a reaction following 

equation is used: 

∆𝐻𝑟,𝑡 = ∆𝐻𝑃 − ∆𝐻𝑅+ ∆𝐻𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 (kJ/hr) 

3. Enthalpy of each stream was calculated using following formula: 

HT = ∫ 𝐶𝑝 ∗ 𝑑𝑇 
𝑇

𝑇𝑑
                (kJ /hr) 
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4. To calculate Cp of a mixed stream, containing more than one chemical 

species following formula was used: 

Cp (mixture) = xa Cpa + xb Cpb +xc Cpc + ………. 

5. Calculation for the power of the compressor was done by calculating the 

work done by the compressor and then dividing it by isentropic efficiency. 

𝑃 =
𝑃𝑠

𝐸
    (𝑀𝑊) 

5.2 Energy Balance on furnace and Reactors: 

5.2.1 Furnace: 

 In furnace the feed gas is pre-heated to achieve around 532 0C of temperature. 

This is done in order to achieve better heat efficiency of the process. If the furnace 

step is skipped more thermal energy will be required in the primary reformer 

which is quite hard to achieve. The furnace heats the feed gas in three passes 

rather in a single pass. This is done to make the pre-heating process form effective 

and efficient. 

  

 

Figure 13 Furnace 
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Furnace 
    Parameters First  

Pass 
   Second 

 Pass 
Third  
Pass 

In 
(1) 

Out 
(1) 

In (1) Out (1) In (3) Out (3) 

Temperature (C) 41.9 247 247 418 384 532 

Pressure(Kg/cm
2
) 38.8 38.7 38.7 37.8 37.8 34.3 

Cp (KJ/mole*
o
C) 39.86 46.98 46.98 55.48 43.53 45.51 

Moles 1984 1984 1984 1984 7759 7759 
Enthalpy(kJ/hr) 3.30E

+06 
2.30E+

07 
2.30E+

07 
4.60E+

07 
1.30E+

08 
1.80E+08 

Q (KJ/hr) 1.98E+07 2.20E+07 5.70E+07 
 

Table 13 Energy balance on Furnace 

 

 

5.2.2 Primary Reformer: 

The energy balance of the primary reformer is as follows: 

Enthalpy = H = m Cp dT  

H in = 7759 * 45.51 * (372) 

H in = 1.80 * 10 8 kJ/hr 

Similarly, the enthalpy of the outlet stream is calculated, and it comes to be: 

H out  = 3.20 * 10 8  kJ /hr 

Heat of reaction is calculated by combining the all reactions taking place in 

primary reformer as mentioned in material balance.  

Heat of reaction = 262237.8 kJ /hr 

∆𝐻𝑟,𝑡 = ∆𝐻𝑃 − ∆𝐻𝑅+ ∆𝐻𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 

∆𝐻𝑟,𝑡 = 1.4 ∗ 10 8  kJ/hr 

As flow work is zero in this case of reactor hence Q = 1.4 ∗ 10 8  kJ /hr. 
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Table 14 Energy balance of Primary reformer 

 

  

5.2.3 Secondary Reformer: 

Similar calculations for energy balance are done in secondary reformer as were 

done on the primary reformer. Following is the table of energy balance 

calculations of secondary reformer: 

Secondary Reformer 

       Parameters In Out 

5 4 6 

Temperature (
o
C) 805 117 951 

Pressure (Kg/cm
2
) 31.7 32.4 30.6 

Cp (KJ/mole*
o
C) 39.18 30.69 37.73 

Moles 1.025e00+4 1584 1.23E+04 

Enthalpy(kJ/hr) 8.60E+06 4.40E+08 
Heat of Reaction -1.00E+05 

Q(KJ/hr) 4.30E+08 
 

Table 15 Energy balance of Secondary reformer 

 

 

 

 

Primary Reformer 

       Parameters In (3) Out (5) 

Temperature (
o
C) 532 805 

Pressure (Kg/cm
2
) 34.3 31.7 

Cp (KJ/mole*
o
C) 45.51 39.08 

Moles 7759 10246 
Enthalpy(kJ/hr) 1.80E+08 3.20E+08 
Heat of Reaction 262237.8 

Q(KJ/hr) 1.40E+08 
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5.2.4 High Temperature Shift Reactor: 

The energy balance of the HTS is as follows: 

High Temperature Shift (HTS) 

    Parameters In (6) Out (7) 

Temperature (
o
C) 370 429 

Pressure (Kg/cm
2
) 30.3 29.8 

Cp (KJ/mole*
o
C) 34 34.86 

Moles 1.23E+04 

Enthalpy(kJ/hr) 1.50E+08 1.80E+08 

Heat of Reaction -3.24E+04 

Q (KJ/hr) 2.9e00+7 

 

Table 16 HTS energy balance 

 

5.2.5 Low Temperature Shift Reactor: 

Following is the summary of energy balance of LTS. 

 

 

 

 

 

Low Temperature Shift (LTS) 

    Parameters In Out 

Temperature (
o
C) 203 217 

Pressure (Kg/cm
2
) 29 28.4 

Cp(KJ/mole*
o
C) 33.61 33.7 

Heat of Reaction -8.90E+03 

Moles 1.23E+04 

Enthalpy(kJ/hr) 8.40E+07 9.00E+07 

Q (KJ/hr) 6.10E+06 

Table 17 LTS energy balance 
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5.2.6 Methanator: 

Energy balance on the methanator is as follow 

 

 

 

 

 

 

 

 

5.2.7 Ammonia reactor: 

 

 

 

 

 

 

 

 

 

 

 

Methanator 

Parameters In Out 

Temperature (
o
C) 300 317 

Pressure (Kg/cm
2
) 27.2 26.8 

Cp (KJ/mole*
o
C) 29.65 29.8 

Moles 7465 7465 

Enthalpy(kJ/hr) 6.60E+07 6.83E+07 

Heat of Reaction -4977 

Q(KJ/hr) 2.29E+06 

Ammonia Reactor 

       Parameters In (14) Out (15) 

Temperature (
o
C) 164 346 

Pressure (Kg/cm
2
) 245 241 

Cp (KJ/mole*
o
C) 30.39 31.38 

Moles 1.15E+05 111813.5 

Enthalpy(kJ/hr) 5.70E+08 1.20E+09 

Heat of Reaction -269144.01 

Q(KJ/hr) 7.06E+08 

Table 18 Ammonia reactor energy balance 
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5.3 Energy balance on Compressors: 

5.3.1 Compressor 1: 

To calculate power required for the operation of compressor 1 first work done by 

it was calculated and the dividing it by isentropic efficiency of the compressor. 

∆𝑈 +  ∆𝐸𝑘 +  ∆𝐸𝑝 =  𝑄 −  𝑊𝑠 +  𝑊𝑓𝑙 

                                                                    ∆𝐸𝑘 =  ∆𝐸𝑝 =  0      

                                                                     ∆𝐻  =  𝑄 +  𝑊𝑓𝑙 

In case of compressors W= ∆𝐻  so: 

Enthalpy = H = m Cp dT  

H in = 1.98 * 10 3 * 39.05 * (41.9-38) 

H in = 2.90 * 10 6 kJ/hr 

Similarly, the enthalpy of the outlet stream is calculated, and it comes to be: 

H out  = 3.30 * 10 6 kJ/hr 

Power of compressor 1= (4 * 10 5 )/ (0.75) = 1.36 MW 

 

 

 

 

 

 

 

 

 

C-1 

    Parameters In Out 

Temperature (
o
C) 38 41.9 

Pressure (Kg/cm
2
) 

  

37 38 

Cp (KJ/mole*
o
C) 

  

39.05 39.89 

Moles 1.98E+03 
Enthalpy(kJ/hr) 2.90E+06 3.30E+06 

Efficiency 75% 
Power (MW) 1.36 

Table 19 Compressor 1 energy balance 
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5.3.2 Compressor 2: 

 

 

 

 

 

 

 

 

 

5.3.3 Compressor 3: 

 

 

 

 

 

 

 

 

 

 

  

C- 2 

    Parameters In Out 

Temperature (
o
C) 10 115.4 

Pressure (Kg/cm
2
) 25.4 60 

Cp(KJ/mole*
o
C) 28.95 29.33 

Moles 7.16E+03 
Enthalpy(kJ/hr) 2.07E+06 2.40E+07 

Efficiency 75% 
Power (MW) 8.48 

Table 20 Compressor 2 energy balance 

C-3 

  Out 

Temperature (
o
C) 49 109.3 

Pressure (Kg/cm
2
) 59.5 94.3 

Cp (KJ/mole*
o
C) 29.32 29.54 

Moles 7.16E+03 

Enthalpy(kJ/hr) 1.03E+07 2.31E+07 
Efficiency 75% 

Power (MW) 4.7 

Table 21 Compressor 3 energy balance 
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5.3.4 Compressor 4: 

 

 

 

 

 

 

                                             

 

Table 22 Compressor 4 energy balance 

 

 

 

5.3.5 Compressor 5: 

 

 

 

 

 

 

 

 

 

 

                                                                                                       Table 24  Compressor 5 

 

C- 4 

    Parameters In Out 

Temperature (
o
C) 38 165 

Pressure (Kg/cm
2
) 94 236 

Cp (KJ/mole*
o
C) 29 30.07 

Moles 7.16E+03 

Enthalpy (Kj/hr) 8.04E+06 8.04E+06 

Efficiency 75% 

Power (MW) 9.9 

C- 5 

    Parameters In Out 

Temperature (
o
C) 34 44.1 

Pressure (Kg/cm
2
) 231 247 

Cp (KJ/mole*
o
C) 30.6 30.6 

Moles 1.15E+05 

Enthalpy (Kj/hr) 1.19E+08 1.38E+08 
Efficiency 75% 

Power (MW) 7.037 
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5.4 Energy balance on Heat Exchangers: 

 

E-1 
Tube Side (Gas) 

Parameters In Out 

Temperature (oC) 951 370 
Pressure(Kg/cm2) 30.6 30.3 

Cp(KJ/mole*C) 37.73 34.01 
Moles 1.23E+04 

Enthalpy 4.40E+08 1.50E+08 
Q(KJ/hr) -2.87E+08 

Shell Side (BFW) 

Parameters In Out 

TEMP diff 45 
Cp (KJ/mole*C) 75.38 

Moles 8608 
Q(KJ/hr) 2.90E+08 

E-2 

Tube Side(Gas) 

Parameters In Out 

Temperature (oC) 429 328 

Pressure(Kg/cm2) 29.8 29.4 

Cp(KJ/mole*C) 34.86 34.21 

Moles 1.23E+04 

Enthalpy 1.80E+07 1.38E+08 

Q(KJ/hr) -4.60E+07 

Shell Side(BFW) 

Parameters In Out 

TEMP diff 45 

Cp (KJ/mole*C) 75.38 

Moles 13584 

Q(KJ/hr) 4.53E+07 

Table 25 E1 energy balance 

 

Table 26  E2 energy balance 

 

Table 27 E-3 energy balance                                                                 Table 28  E-4 Energy balance 

E-4 

Tube Side 
Parameters In Out 

Temperature (oC) 66 300 
Pressure(Kg/cm2) 27.4 27.2 

Cp(KJ/mole*C) 29.05 29.65 
Moles 7465 

Enthalpy 1.40E+07 6.60E+07 
Q(KJ/hr) 5.20E+07 

Shell Side 
Temperature (C) 317 75 

Pressure(Kg/cm2) 26.8 26.4 
Cp(KJ/mole*C) 29.8 29.8 

Moles 7235 

Enthalpy 6.83E+07 1.68E+07 

Q(KJ/hr) -5.17E+07 

E-3 
Tube Side (Gas) 

Parameters In Out 

Temperature (oC) 75 36 

Pressure(Kg/cm2) 26.4 25.7 

Cp(KJ/mole*C) 29.8 29.35 

Moles 7.24E+03 

Enthalpy 1.68E+07 7.60E+06 

Q(KJ/hr) -2.87E+08 

Shell Side (CW) 

TEMP diff 10 

Cp (KJ/mole*C) 75.38 

Moles 12100 

Q(KJ/hr) 2.90E+08 
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E-5 

Tube Side(Gas) 

Parameters In Out 

Temperature (oC) 115.4 49 

Pressure(Kg/cm2) 60 59.5 

Cp(KJ/mole*C) 29.33 29.32 

Moles 7.16E+03 

Enthalpy 2.40E+07 1.03E+07 

Q(KJ/hr) -1.37E+07 

Shell Side(BFW) 

TEMP diff 10 

Cp(KJ/mole*C) 75.38 

Moles 18260 

Q(KJ/hr) 1.35E+07 

E-6 

Tube Side(Gas) 

Parameters In Out 

Temperature (oC) 36 10 

Pressure(Kg/cm2) 25.7 25.4 

Cp(KJ/mole*C) 28.97 28.95 

Moles 7.16E+03 

Enthalpy 7.40E+06 2.07E+06 

Q(KJ/hr) -5.30E+06 

Shell Side(BFW) 

TEMP diff 39 

Cp(KJ/mole*C) 29.1 

Moles 4611 

Q(KJ/hr) 5.23E+06 

E-8 
Tube Side(Gas) 

Parameters In Out 

Temperature (oC) 165.1 38 

Pressure(Kg/cm2) 236 235.5 

Cp(KJ/mole*C) 30.07 30.6 

Moles 7.16E+03 

Enthalpy 3.50E+07 8.30E+06 

Q(KJ/hr) -2.66E+07 

Shell Side (CW) 

TEMP diff 10 

Cp(KJ/mole*C) 75.38 

Moles 35000 

Q(KJ/hr) 2.63E+07 

E-7 
Tube Side(Gas) 

Parameters In Out 

Temperature (oC) 109.3 38 

Pressure(Kg/cm2) 94.3 94 

Cp(KJ/mole*C) 29.54 29.66 

Moles 7.16E+03 

Enthalpy 2.31E+07 8.04E+06 

Q(KJ/hr) -1.40E+07 

Shell Side(CW) 

TEMP diff 15 

Cp(KJ/mole*C) 75.38 

Moles 12381.2 

Q(KJ/hr) 1.39E+07 

Table 29 E-5 energy balance                                                                        Table 30  E-6 energy balance 

 

Table 31 E-7 energy balance                                                                        Table 32  E-8 energy balance 
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E-9 
Shell Side 

Parameters In Out 

Temperature (oC) 44.1 164 

Pressure(Kg/cm2) 247 245 
Cp(KJ/mole*C) 30.68 30.39 

Moles 1.46E+05 
Enthalpy 1.38E+08 5.70E+08 
Q(KJ/hr) 4.30E+08 

Tube Side 
Temperature (C) 346 223 

Pressure(Kg/cm2) 241 240.5 
Cp(KJ/mole*C) 31.36 31.36 

Moles 1.15E+05 
Enthalpy 1.24E+09 7.83E+08 
Q(KJ/hr) -4.25E+08 

E-10 
Shell Side 

Parameters In Out 

Temperature (oC) 179.65 13 

Pressure(Kg/cm2) 235 234 
Cp(KJ/mole*C) 31.36 31.49 

Moles 6.29E+08 4.50E+07 
Enthalpy 1.12E+05 
Q(KJ/hr) -5.80E+08 

Shell Side (BFW) 

Parameters In Out 

TEMP diff 150 
Cp(KJ/mole*C) 75.38 

Moles 50000 
Q(KJ/hr) 5.75E+08 

E-11 
Tube Side 

Parameters In Out 

Temperature (oC) 223 179.65 

Pressure(Kg/cm2) 240.5 235 
Cp(KJ/mole*C) 31.36 31.36 

Moles 1.18E+05 
Enthalpy 7.83E+08 6.20E+08 
Q(KJ/hr) -1.50E+08 

Shell Side 
Temperature (C) -9.3 34 

Pressure(Kg/cm2) 232 231 
Cp(KJ/mole*C) 31.11 30.67 

Moles 1.15E+05 
Enthalpy 3.30E+07 1.19E+08 
Q(KJ/hr) -1.52E+08 

E-12 
Tube Side 

Parameters In Out 

Temperature (oC) 12.3 -9.3 

Pressure(Kg/cm2) 234 232 
Cp(KJ/mole*C) 30.07 30.6 

Moles 7.16E+03 
Enthalpy 3.50E+07 8.30E+06 
Q(KJ/hr) 9.20E+07 

Shell Side 
Temperature (C) 45 45 

Pressure(Kg/cm2) 29.01 29.01 
Cp(KJ/mole*C) 21030 21030 

Moles 1.70E+08 
Enthalpy 45 45 
Q(KJ/hr) 29.01 

        Table 33 E-9 energy balance                                                                        Table 35  E-10 energy balance 

 

Table 36 E-11 energy balance                                                                                Table 37  E-12 energy balance 
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                                                                                     CHAPTER 6 

SIMULATION 

Based on real time industrial data simulations are performed for the process using 

ASPEN HYSYS V 8.8. Ammonia, oxygen, nitrogen, carbon dioxide, carbon 

monoxide, hydrogen, methane, ethane, propane, butane, and argon were selected 

as the components for simulation. For the process, Peng Robinson was selected as 

the fluid package. The process gas is preheated in a furnace and then send to the 

primary reformer reactor [12] [13].  

6.1 ASPEN HYSYS Model of the plant: 

 

Figure 14 HYSYS Simulation Model A 
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Figure 15 HYSYS Simulation Model B 

6.2 Material balance Using HYSYS: 

 

Figure 16 Screenshot 1  
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Figure 17 screenshot 2 

                    

 

 

 

Figure 18 screenshot 3 
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6.3 Energy balance using HYSYS: 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

  

Figure 19Energy balance screenshot 
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CHAPTER 7 

SELECTION AND EQUIPMENT DESIGN 

7.1 Design Calculations of Reactors: 

Q = Heat Flow                                Vr = Volume of reactor  

Vb = Volume of bed                       N= No of tubes 

E = Void Fraction                           Qavg = Average heat flux 

L = Length of tube                          I.D = Internal Diameter of tube 

W = Weight of catalyst                   Vc = Volume of catalyst 

7.1.1 Primary Reformer R-101: 

Selection: 

Primary reformer is a type of furnace having tubes in it. Reactions are taking place 

in these tubes having catalyst in it and they are heated by the burners inside the 

walls of furnace. For designing we chose it to be a Foster Wheelar side fired 

reformer due to reduced methane slip and it can bear small amount of coking 

because of propane and butane in our feed. Tubes and Outer body are made of 

stainless steel which are bearable for the reactor pressure. Design calculations are 

given below [14]. 

 

No of tubes: 

N = Q/π*I.D*L* Q avg          (i) 

Q= 8.545x10^7 kcal/hr  

I.D = 0.113m  

L = 11m  

Qavg= 65800 kcal/m2hr 

By putting these values in above Equation (i) we get no of tubes, 

N= (8.545x10^7)/(π)*(0.113) *(11) *(65800) 
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N= 332 tubes 

Volume of reactor: 

Volume of reactor = N.π.ID2.L/4  

Vr=(332)*(3.14)*(0.113)2*.11/4 

Vr = 36.6 m3 

Volume of Catalyst: 

Catalyst used R-67R-7H (Ni 15%, MgO25%, Al2O360%)  

Bulk density of catalyst = 970 kg/m3    

Voidage = E = 0.131 

E = (Vr – Vc)/Vr 

As we know E and Vr, by putting values we get Vc. (Volume of Catalyst) 

Vc = 31.8 m3 

Weight of Catalyst: 

Weight of Catalyst = (Bulk density) *(Volume of catalyst) 

Weight of catalyst = (970) *(31.8) 

Weight of catalyst = 30,846 kg 

Space Velocity: 

 Space Velocity = Volumetric Feed Flow rate/ Volume of reactor 

 Space velocity = 173801/36.6*3600  

Space velocity = 1.31 sec-1 

Comparison: 

By comparing the design calculation, we can clearly see the impact of feed on 

primary reformer specifications. As the duty is increased the weight of catalyst 

and volume of reactor also increased for the reforming reaction to take place. No. 

of tubes of primary reformer also increased. 
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                                                                                       Table 23 R- 101 Specification comparison 

 

7.1.2 Secondary Reformer R-102: 

There are two types of reactions that are involved in primary reformer, three of 

them are combustion reactions and then another type is reforming reaction which 

is involved in the reactor bed [15].  

 We will take into account reforming reaction which is taking place in the bed for 

the design of this reactor.  

CH4+ H2O → CO + 3H2             

Selection: 

Is this reactor, we have combustion reactions and reforming reactions. The 

purpose is to extract nitrogen from air for ammonia reaction. So, we need a 

reaction having burner in it for combustion. And for reforming reaction we need 

to have a packed bed reactor under it where the reforming reaction takes place. 

Packed bed reaction is required as it is a catalytic reaction and gaseous phase 

reaction and also it gives more conversion per weight of catalyst. 

 

Weight of Catalyst:  

The catalyst used in secondary reformer: RKS-2&; RKS-2-7H  

Specifications 100% Mari Gas 70% Mari Gas and 30% LNG 

Duty 7.39x107 kcal/hr  8.545x10^7 kcal/hr  

Internal Dia of tube 0.113m  0.113m  

Length of tube 11m  11m  

Average heat flux 65800 kcal/m
2
hr 65800 kcal/m

2
hr 

Volume of Catalyst: 27.6m3 31.8m3 

Volume of reactor 31.8m3 36.6m3 

Voidage 0.131 0.131 

Weight of Catalyst: 26,543 kg 30,846 kg  

No. of tubes 288 332 
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Catalyst composition = NiO, Promotor/Carrier = MgO/ Al2O3 

 

Design equation for the reactor design is,  

𝑊

𝐹𝐴𝑂
= ∫

𝑑𝑋𝐴

−𝑟𝑎

𝑋𝐴

0
             (ii)                                           

Rate equation        -ra= K CCh4n CH2Om 

Order of reaction is n = 1, m= 1   Conversion Xa = 90% 

FAo = CAo.Vo  ,   CCh4 = CAo = 0.98 mol/m3  

M= CH2O/ CCh4 = 8.70 

K = 2.5 x 10-2 mol-1 sec-1  

Putting this value in equation (ii) 

,
W

 Ch4.Vo
= ∫

dXA

KCh4(1−Xa)(M−Xa)

XA

0
 

Solving the integral by area under the curve we get,  

Weight of catalyst = 32,568 

Weight of catalyst = 32,568 kg of catalyst  

Bulk density of catalyst = 1070 kg/m3  (Bulk density ) 

Volume of catalyst:  

Volume of catalyst = Weight of catalyst/ Bulk density of catalyst 

Volume of catalyst = 32568/1070  

Vc=30.43m3 

Volume of reactor:  

Voidage = 0.25  

E = (Vb – Vc)/Vb  

Volume of reactor bed = Vb = 40.57 m3    
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With 20% clearance, Vr = 1.20*Vb  

Vr = 48.684 m3 

Height of reactor:  

Hr = Vr/ π*D2/4        , Dr = 4m  

Hr = 3.87m 

 

Space Velocity:  

Space Velocity = Volumetric Feed Flow rate/ Volume of reactor 

Space Velocity= 457.5/48.684*3600  

Space velocity = 2.6 x 103sec-1 

Comparison:  

Table 24 R-102 Specification comparison 

Table 25 R-102 Specification comparison 

Due to change in feed, outlet of primary reformer is changed which is inlet of 

secondary reformer, due to which in order to get desirable conversion volume of 

reactor and catalyst has also been increased. 

 

Specifications 100% Mari Gas 70% Mari Gas and 30% LNG 

Internal Dia of tube 3m 3m 

Height of reactor 6.19 m 6.87m 

Volume of Catalyst: 28.4m3 30.43m3 

Volume of reactor 43.76m3 48.684 m3 

Voidage 0.25 0.25 

Weight of Catalyst: 29,580 kg 32,568 kg 
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7.1.3 High Temperature Shift R- 103: 

Selection: 

For high temperature shift reactor, it was chosen as packed bed reactor because it 

will give more conversion per weight of catalyst and high temperature shift 

conversion is a gaseous phase reaction. The reaction is exothermic and favoured 

at low temperature but due to high concentration of reactants converted into 

product, It will have low reaction rate, so for high rate of reaction it takes place at 

high temperature in presence of selective catalyst (iron based) which is being 

used. Stainless steel material of reactor is used as it is less corrosive and can bear 

reactor pressure and temperature [13]. 

This reactor involves the following reaction,  

CO + H2O → CO2 + H2 

Conversion Xa = 77%  

Catalyst used = SK-201-2 

Catalyst composition = Fe3O4 ~80-90% 

Promotor/Carrier = Cr2O3 ~8-13%/ CuO ~1-2% 

Weight of Catalyst:  

Design equation used for reactor design is,  

𝑊

𝐹𝐴𝑂
= ∫

𝑑𝑋𝐴

−𝑟𝑎

𝑋𝐴

0
        (iii) 

-ra= K CCOn CH2Om     Order of reaction n = 1, m=0 

FAo = CAo.Vo  , 

Vo = 276062 m3/hr  

After re arranging equation (iii) becomes,  

   
𝑊

CCo.Vo  
= ∫

𝑑𝑋𝐴

K CCO(1−Xa)

𝑋𝐴

0
       

𝑊

Vo  
= ∫

𝑑𝑋𝐴

K (1 − Xa)

𝑋𝐴

0

 

K = 6.031 sec-1  

Vo = 276062 m3/hr  
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Putting these values we get weight of catalyst, 

𝑊

276062 
= ∫

𝑑𝑋𝐴

6.031(1 − Xa)

0.77

0

 

Weight of catalyst = 66829.79 kg 

Volume of catalyst:  

Bulk density of catalyst: 1050kg/m3  

Volume of catalyst = Weight of catalyst/ Bulk density of catalyst 

Volume of catalyst = 66829.79/1050 

Vc = 64.64 m3 

Volume of reactor:  

Voidage = 0.044  

E = (Vb – Vc)/Vb  

Vb = 67.61 m3  

29% clearance gives the volume of reactor, 

Vr = 1.29*Vb  

Vr = 87.22m3 

Height of Reactor: 

Dr = 4.3m 

Hr = Vr/ π*D2/4         

Height of reactor = 4.65m 

Space velocity: 

Space Velocity = Volumetric Feed Flow rate/ Volume of reactor 

Space Velocity= 276057/87.22*3600  

Space Velocity = 2.3 x10 -4 sec-1 

Comparison:                                                                                                                              

The comparison for both feed in HTS is being shown in table, the amount of carbon 

monoxide to convert into carbon dioxide is increased for new feed as compare to  
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previous feed. Therefore amount of catalyst also increased to undergo the reaction 

at given conversion. In this way the volume of reactor also increased 

. 

Table 26 R-103 Specifications comparison 

 

7.1.4 Low Temperature Shift R- 104: 

Selection: 

For low temperature shift reactor, it was chosen as packed bed reactor because it 

will give more conversion per weight of catalyst and CO conversion is a gaseous 

phase reaction. The reaction is exothermic and favoured at low temperature in 

presence of selective catalyst (iron based) which is being used. Here low 

temperature is maintained because amount of CO which needs to be converted is 

low hence low rate of reaction is not a problem in this case. Stainless steel material 

of reactor is used as it is less corrosive and can bear reactor pressure and 

temperature. Design calculations for the specification of low temperature shift are 

given below. 

This reaction involves the following reaction, but at low temperature. 

CO + H2O → CO2 + H2 

Conversion Xa = 92%  

Catalyst used = Katalco 83-3 

Specifications 100% Mari Gas 70% Mari Gas and 30% LNG 

Internal Dia of tube 4.3m 4.3m 

Height of reactor 7 m 7.64 m 

Volume of Catalyst: 82 m3 86.12 m3 

Volume of reactor 102.5 m3 111 m3 

Voidage 0.036 0.036 

Weight of Catalyst: 86,920 kg 91,288 kg 
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Catalyst composition = CuO 51% 

Promotor/Carrier = Al2O318%/ ZnO 31% 

Weight of catalyst: 

Design equation used for reactor design is,  

𝑊

𝐹𝐴𝑂
= ∫

𝑑𝑋𝐴

−𝑟𝑎

𝑋𝐴

0
       (iii) 

-ra= K CCOn CH2Om     Order of reaction n = 1, m=1.4 

FAo = CAo.Vo  ,   A0 = CO , BO= H2O 

CAo = 8.44x10-4 mol/m3 

CBo= 0.0121 mol/m3  

𝑊

CCo. Vo 
= ∫

𝑑𝑋𝐴

K CCO2.4(1 − 𝑥𝑎)(𝑀 − 1.4𝑥𝑎)

𝑋𝐴

0

 

K = 1.23x104  

By solving integral area under the curve we get, 

𝑊

276050
=

0.2024

1.23×104(8.44 ×10−4)1.4
       

Weight of catalyst = 91288 kg 

Volume of catalyst: 

Bulk Density of Catalyst = 1060 kg/m3  

Volume of catalyst = Weight of catalyst/ Bulk density of catalyst 

Volume of catalyst = 91288/1060  

Vc = 86.12m3 

Volume of reactor: 

E = (Vb – Vc)/Vb  

E = 0.036  

E = (Vb-Vc)/Vb 

Vb = 89.33m3  

25% clearance of reactor with bed 
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Volume of reactor, Vr= 1.25*89.336  

Vr = 111.67 m3 

Height of Reactor: 

Dr = 4.3m 

Hr = Vr/ π*D2/4         

Height of reactor = 6.15m 

Space velocity: 

Space Velocity = Volumetric Feed Flow rate/ Volume of reactor 

Space Velocity= 276057/111.67 *3600  

Space Velocity = 0.685 sec-1  

Comparison:                                                                                                                             

Table 27 R-104 Specifications comparison 

The comparison for both feed in HTS is being shown in table, as the amount of 

carbon monoxide to convert into carbon dioxide is increased as compare to 

previous feed. The amount of catalyst also increased to undergo the reaction at 

given conversion. In this way the volume of reactor also increased. 

                                                

 

Specifications 100% Mari Gas 70% Mari Gas and 30% LNG 

Internal Dia of tube 4.3m 4.3m 

Height of reactor 5.8 m 6.09 m 

Volume of Catalyst: 61m3 64.4m3 

Volume of reactor 84 m3 87.22 m3 

Voidage 0.04 0.04 

Weight of Catalyst: 64,050 kg 66,829 kg 
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7.1.5 Methanator R-105:  

Selection: 

Methanator consist of two reactions in which carbon dioxide and carbon 

monoxide is being completely removed as it can cause coking in ammonia 

synthesis convertor. It is gaseous phase catalytic reaction, so we chose packed bed 

reactor. It can also give higher conversion per weight of catalyst. Stainless steel is 

used as material of reactor because it can bear reactor temperature and pressure. 

Design calculation for specification of reactor are given below. 

These two reactions took place in methanator,  

CO + 3H2 → CH4+ H2O 

CO2 + 4H2 → CH4+ 2H2O 

Weight of catalyst:  

For both of reactions weight of catalyst is determined individually and then by 

combined weight of catalyst is being calculated. 

Design equation used for reactor design is,  

𝑊

𝐹𝐴𝑂
= ∫

𝑑𝑋𝐴

−𝑟𝑎

𝑋𝐴

0
      (iii) 

For reaction 1: - 

-ra= K CCO2n CH2m     Order of reaction n = 1, m=1 

FAo = CAo.Vo  ,   A0 = CO2 , BO= H2 

CAo = 4.54x10-5 mol/m3 

CBo= 0.03519 mol/m3  

M = 775.26 

Vo=16321.2m3/hr 

k= koe-Ea/RT   

K = 2.7 x 105 mol-1 sec-1 

𝑊

Vo 
= ∫

𝑑𝑋𝐴

K 𝐶𝐶𝑜2(1 − 𝑥𝑎)(775.26 − 𝑥𝑎)

𝑋𝐴

0
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By solving the integral by area under the curve and putting the values we get, 

𝑊

163213.1
=

20.6

2.7 × 105(4.54 × 10−5) 
 

W1 = 27426.84kgs of Catalyst 

𝑊

𝐹𝐴𝑂
= ∫

𝑑𝑋𝐴

−𝑟𝑎

𝑋𝐴

0
      (iii) 

For reaction 2: - 

-ra= K CCOn CH2m     Order of reaction n = 1, m=1 

FAo = CAo.Vo  ,   A0 = CO, BO= H2 

CAo = 1.11x10-4 mol/m3 

 

CBo= 0.03519 mol/m3  

M = 315.26 

Vo=16321.2m3/hr 

k= koe-Ea/RT   

K = 2.7 x 105 mol-1 sec-1 

𝑊

Vo 
= ∫

𝑑𝑋𝐴

K 𝐶𝐶𝑜(1 − 𝑥𝑎)(315.26 − 𝑥𝑎)

𝑋𝐴

0

 

By solving the integral by area under the curve and putting the values we get, 

𝑊

163213.1
=

83.31

3.5 × 107(1.11 × 10−4) 
 

W2 = 34999.36 kgs of Catalyst 

Wt = W1 + W2 

WT= 62426.171 kg of catalyst 

Volume of catalyst: 

Bulk Density of Catalyst = 950 kg/m3 

Volume of catalyst = Weight of catalyst/ Bulk density of catalyst 
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Volume of catalyst = 62426.171/950  

Vc = 65.71m3 

Bulk Density of Catalyst = 950 kg/m3  

Volume of catalyst = Weight of catalyst/ Bulk density of catalyst 

Volume of catalyst = 62426.171/950  

Vc = 65.71m3 

Volume of reactor: 

E= 0.04 

E = (Vb – Vc)/Vb  

Vb= 68.44m3 

20% clearance to reactor with bed, 

Vr= 1.20*(68.44) 

Vr=82.128m3 

Height of Reactor: 

Dr = 3.5m 

Hr = Vr/ π*D2/4         

Height of reactor = 8.54 m 

Space velocity: 

Space Velocity = Volumetric Feed Flow rate/ Volume of reactor 

Space Velocity= 16321.2/82.128*3600 

Space Velocity = 5.52x10-5 sec-1   
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Comparison: 

Table 28 R-105 Specifications comparison 

 

As the amount of carbon dioxide and carbon monoxide is being increased as 

compare to previous feed. The amount of catalyst required to achieve conversion 

also increased. In this way the volume of catalyst also increased. 

Table 29 R-105 Specifications comparison 

7.1.6 Ammonia reactor 106: 

Selection: 

For the selection of ammonia reactor, it is gaseous phase reaction in the presence 

of catalyst, so we choose packed bed reactor as it gives higher conversion per 

weight of catalyst. Stainless steel type 316 is being used as material of reactor as 

it can bear the reactor temperature and pressure. Calculation for the design of 

specification are given below [16]. 

The reaction takes place in ammonia reactor is  

N2 + 3H2 → 2NH3 

The conversion of this reaction is 29.3% 

The catalyst used in this reaction is triple promoted iron oxide catalyst 

Specifications 100% Mari Gas 70% Mari Gas and 30% LNG 

Internal Dia of tube 3.5 m 3.5 m 

Height of reactor 8.1 m 8.54 m 

Volume of Catalyst 62 m3 65.71 m3 

Volume of reactor 78 m3 82.12 m3 

Voidage 0.04 0.04 

Weight of Catalyst: 58,900 kg 62,426 kg 
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 (Fe2O3, FeO) promoted by (K2O, CaO, Al2O3). 

Weight of catalyst: 

The design equation for the reactor is following: 

𝑊

𝐹𝐴𝑂
= ∫

𝑑𝑋𝐴

−𝑟𝑎

𝑋𝐴

0

 

Where the rate equation is,  

 

Where  

K = Equilibrium constant 

k = rate constant 

ai = activity coefficient of component i 

α = constant which takes a value of 0.5-0.75. In this work it is assumed to be 0.5. 

As,  

ai=fi /fo 

Fo is reference fugacity, taken as 1 atm. 

 Fugacity can be calculated from value of fugacity coefficient as: 𝑓𝑖 = 𝜙𝑖 𝑃i 
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∅H2 = 1.002         ∅N2= 1.080               ∅NH3 = 1.098 

Pi = xi*P for calculation of partial pressure.  

For equilibrium constant: 

 

K = 0.1775 

 

Rate constant             

K= Koexp(Ea/RT) 

ko = Arrhenius coefficient = (8.849 x1014) 

E= Activation energy with temperature its mean value is 40765 Kcal/kmol 

R=Universal Gas constant R (8.314 kJ/kmol.K) 

Putting all the values and differential equations are solved using Euler’s method 

with step size of 0.005. In the first bed reaction is carried out until, Xf=0.293. At 

this conversion, the required catalyst weight and volume is: 

𝑊

4645
= ∫

𝑑𝑋𝐴

−𝑟𝑎

𝑋𝐴

0

 

Weight of catalyst = 31536.47 kg 

Volume of catalyst: 

As we know the bulk density of catalyst= 1250kg/m3 

Volume of catalyst = Weight of catalyst/ Bulk density of catalyst 

Volume of catalyst = 31536.47 /1250 

Vc = 25.22918 m3 

Volume of Reactor: 

E= 0.5 

E = (Vb – Vc)/Vb  
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Vb= 50.45 m3  

20% clearance to reactor with bed, 

Vr= 1.20*(50.45) 

Vr=60.54m3 

Height of reactor: 

Dr = 4.3m 

Hr = Vr/ π*D2/4         

Height of reactor = 4.17m 

Comparison: 

As the amount of hydrogen and nitrogen is increased as compare to previous feed. 

The weight of catalyst also increased to achieve required conversion in a specific 

time. Volume of reactor also increases 

 

 

 

 

 

 

 

 

Specifications 100% Mari Gas 70% Mari Gas and 30% LNG 

Internal Dia of tube 3.5 m  3.5 m  

Height of reactor  5.9 m  6.29 m 

Volume of Catalyst: 23.8 m3 25.2 m3 

Volume of reactor 57.24 m3 60.54 m3 

Voidage 0.5 0.5 

Weight of Catalyst: 30,225 kg 31,536 kg 

      Table 30 R-106 specifications comparison 
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7.2 Heat Exchangers Designing: 

7.2.1 E-2(Shell and Tube Heat Exchanger) 

 

Water (Shell side):                                                           Process gas (Tube side): 

K = 0.6108 W/m.oC                                                                     K = 0.1287 W/m.oC 

µ = 8.9 x 10-4 Ns/m2                                                                     µ = 2.17 x 10-5 Ns/m2 

Cp = 4.312 kJ/kg. oC                                                                     Cp = 2.203 kJ/kg. oC   

ρ = 1000 kg/m3                                                                            ṁ = 5.25 kg/s 

ṁ = 67.92 kg/s                                                                              ρ = 8.1kg/m3 

Thi = 429 oC ; Tho = 328 oC 

Tci = 30 oC ; Tco = 45 oC 

Heat duty: 

Q = ṁ x Cp x ∆T                                                                             

= 5.25 x 2.203 x 101 

= 12777.7 kW 

Flow rate of Water: 

Q = ṁ x Cp x ∆T  → ṁ = 
𝑄

Cp x ∆T 
 

ṁ = 
12777.7 

4.312 x 15 
 

ṁ = 67.92 kg/s 

Log Mean Temperature Difference (LMTD): 

LMTD = 
∆T2− ∆T1

ln (
∆T2

∆T1
)

                                                   ∆T2 = Temperature difference of hot 

fluids    

                                                                                 ∆T1 = Temperature difference of cold 

fluids                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                      

LMTD = 
101− 15

ln (101/15)
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LMTD = 325.19 oC 

R = 
𝑇1− 𝑇2

𝑡2− 𝑡1
                                                                    

S = 
𝑡2− 𝑡1

𝑡1− 𝑡1
                                                                    

R = 
429−328

45−30
  = 2.24 

S = 
45−30

429−45
 = 0.112 

From graph, 1 shell and 2 tube passes 

Ft = 0.98 

So, corrected LMTD (∆t) = 0.987 x325.19 = 318.68 oC 

From figure, 

Figure 20 Correction Factor graph 
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Figure 21 Shell and tube heat exchanger ‘U’ ranges 

U = 300 W/m2 oC from above table 

A = 
12777.7

300 x 318
 = 133.65m2 

0.03m Outer diameter and 0.025m Internal diameter – BWG 17 

Length of tube = L = 3.66 

Area of tube =  π x 3.66x 0.03 = 0.3447 m2 

Number of tubes required = 
133.65

0.334
 = 387 tubes 
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Bundle diameter = Db = d.( 
𝑁𝑠

𝐾
)0.25 = 0.838 mm   From graph 

 

Clearance = 0.093                      

 

Shell diameter = 0.838 +0.093 = 0.9134m 

 

Shell side co-efficient: 

Baffle spacing (lB) = 0.5 x Ds = 0.4657 m                                         

Pt = 1.25 x do = 0.0375m 

Figure 22 Bundle diameter graph 

Figure 23 Pitch Factor table 
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As = 
(Pt− d0) x Ds

Pt 
   change 

As = 0.18628 m2 

Mass velocity (Ga) =   
ω

A𝑠
  = 

67.97

A𝑠
 = 346.61 kg/m2s        

De = 
1.10

d0
 (Pt2 – 0.917d02) 

De = 0.021 

Reb = 9571 

 

Figure 24 Reynolds number and Jh Graph 

From figure, Jh = 0.006  

Pr = 
µ x Cp

K
 = 5.572 

ℎ𝑜

𝜃𝑠
 = 

𝐽ℎ x Re x Pr0.33 x Kf 

De
  = 28882.15 W/m2. oC           𝜃𝑠 = 1          

 ℎ𝑜 = 28882.15 W/m2. oC                                       

Tube side co-efficient: 

Tube cross section area= 
π

4
di2  
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= 0.0005 m2                                                                                                               

Tube per pass = 
387.72

2
 = 193.86 tubes 

Total flow area = 193.86 x 0.0005 = 0.09693 m2 

Mass velocity (Ga) =   
ω

A
   =   

52.22

0.09693
 = 538.73 kg/m2s   

u =  
538.7

8.81
 = 61.21 m/s 

Re= 
Di x Ga

µ
  = 620562.212 

Pr = 
µ x Cp

K
 = 

2.17 x 10−5 x 2.23 

0.127
 = 0.373 

L/d = 146.4 

From figure, heat transfer factor (Jh) = 0.003 

ℎ𝑖

𝜃𝑡
 =  

𝐽ℎ x Re x Pr0.33 x Kf 

di
 = 

0.003 x 620562.212 x (0.337)0.33 x 0.1287  

0.025
                

ℎ𝑖

𝜃𝑡
 = 6854 W/m2.oC 

Mean Wall Temperature 𝜽𝒕:                                                    

(
µ

µ𝑤
) 0.14 = 1 

hi = 6854 W/m2.oC 

Figure 25 Jh factor graph for tube side 

 

Figure 26 Jh factor graph for tube side 
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Overall coefficient: 

  ℎ𝑖𝑜 = ℎ𝑖  x 
ID

OD
 =  x 

0.025

0.03
    

   ℎ𝑖𝑜 =5711 W/m2. oC   

   Uc = 
hio x ho

hio+ ho
 = 4760 W/m2. oC   

For Rd = 0.003  

 

 

Table 31 Fouling factor table 

 

Rd = 
Uc−UD

UD∗Uc
 

UD = 302 W/m2. oC   

Since,  

Ucal− Uass  

Uass
 x 100 = 7 % < 30 % 

Hence the design is acceptable.  
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Pressure drop Calculation: 

Shell side 

∆Ps = 8 x Jf x (
Ds

de
) (

L

LB
)

ρµ2

2
(

µ

µw
)−0.14                                     

 

From figure, Jf = 0.051 

= 8 x 0.051 x (
0.9314

0.021
)(

3.66

0.4657
)(

997 x  364.5

997
)2 

∆Ps = 2274 Pa = 0.32psi 

Tube side  

∆Pt = Np [8 x Jh x (
L

di
) (

µ

µw
)−m + 2.5] x 

ρut
2

2
                         

= 2[8 x 0.003 x (387.72) + 2.5] x 
8.8  (61.21)2

2
 

∆Pt = 38726.2 Pa = 5.6 psi 

7.2.2 E-7 (Shell and Tube Heat Exchanger) 

 

Water (Shell side):                                                                      Process gas (Tube side): 

Figure 27 Jf factor graph 
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K = 0.6108 W/m.oC                                                                      K = 0.1454 W/m.oC 

µ = 8.9 x 10-4 Ns/m2                                                                     µ = 1.27 x 10-5 Ns/m2 

Cp = 4.312 kJ/kg. oC                                                                     Cp = 3.967 kJ/kg. oC   

ρ = 1000 kg/m3                                                                            ṁ = 14.94 kg/s 

ṁ = 90.6kg/s                                                                                 ρ = 12.99kg/m3 

 

Thi = 115.4oC ; Tho = 49 oC 

Tci = 30 oC ; Tco = 40 oC 

Heat duty: 

Q = ṁ x Cp x ∆T                                                                             

    = 90.6 x 4.312 x 10 

    = 3805 kW 

Flow rate of Water: 

Q = ṁ x Cp x ∆T  → ṁ = 
𝑄

Cp x ∆T 
 

ṁ = 
3805 

4.312 x 10 
 

ṁ = 90.6kg/s 

Log Mean Temperature Difference (LMTD): 

LMTD = 
∆T2− ∆T1

ln (
∆T2

∆T1
)

                                                 ∆T2 = Temperature difference of hot 

fluids    

                                                                                ∆T1 = Temperature difference of cold 

fluids                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                        

LMTD = 
75.4− 19

ln (75.4/19)
 

LMTD = 40.91 oC 

R = 
𝑇1− 𝑇2

𝑡2− 𝑡1
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S = 
𝑡2− 𝑡1

𝑡1− 𝑡1
                                                                    

R = 
122−70

30−20
  = 6.64 

S = 
30−20

122−20
 = 0.13 

From graph,1 shell and 4 tube passes 

Ft = 0.98 

So, corrected LMTD (∆t) = 0.98 x40.19 = 40.09 oC 

U = 300 W/m2 oC from above table 

A = 
3805 7

300 x 40.0
 =316.3m2 

0.03m Outer diameter and 0.025m Internal diameter – BWG 17 

Length of tube = L = 3.046 

Area of tube =  π x= 3.046x0.03 = 0.2869 m2 

Number of tubes required = 
316.3

0.2869
 = 1102 tubes 

 

Bundle diameter = Db = d.( 
𝑁𝑠

𝐾
)0.25 = 0.838 mm    

From graph Clearance = 0.096                      

Shell diameter = 0.838 +0.096 = 0.96m 

Shell side co-efficient 

Baffle spacing (lB) = 0.5 x Ds = 0.467 m                                         

Pt = 1.25 x do = 0.0375m 

As = 
(Pt− d0) x Ds

Pt 
   change 

As = 0.18628 m2 

Mass velocity (Ga) =   
ω

A𝑠
  = 

90.97

0.1868
 = 485.01 kg/m2s        
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De = 
1.10

d0
 (Pt2 – 0.917d02) 

De = 0.021 

Reb = 12731 

From figure, Jh = 0.007  

Pr = 
µ x Cp

K
 = 5.6 

ℎ𝑜

𝜃𝑠
 = 

𝐽ℎ x Re x Pr0.33 x Kf 

De
  = 4720 W/m2. oC           𝜃𝑠 = 1          (6.26) 

  ℎ𝑜 = 4720 W/m2. oC                                      

Tube side co-efficient 

Tube cross section area= 
π

4
di2  

= 0.0005 m2                                                                                                               

Tube per pass = 
1102

4
 = 275.586 tubes 

Total flow area = 275.586 x 0.0005 = 0.1377 m2 

Mass velocity (Ga) =   
ω

A
   =   

14.94

0.1377
 = 538.73 kg/m2s   

u =  
108.52

12.99
 = 8.52 m/s 

Re= 
Di x Ga

µ
  = 216923.84 

Pr = 
µ x Cp

K
 = 

1.22x10−5( 3.967x10−3) 

0.1454
 = 0.348 

L/d = 121.84 

From figure, heat transfer factor (Jh) = 0.0038 

ℎ𝑖

𝜃𝑡
 =  

𝐽ℎ x Re x Pr0.33 x Kf 

di
 =  3385 W/m2.oC 

ℎ𝑖

𝜃𝑡
 = 3385 W/m2.oC 

Mean Wall Temperature 𝜽𝒕:                                                   

(
µ

µ𝑤
) 0.14 = 1 
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hi = 3385 W/m2.oC 

Overall Co-efficient:                

 𝒉𝒊𝒐 = 𝒉𝒊 x 
𝐈𝐃

𝐎𝐃
 =  x 

𝟎.𝟎𝟐𝟓

𝟎.𝟎𝟑
    

 ℎ𝑖𝑜 =2820 W/m2. oC   

Uc = 
hio x ho

hio+ ho
 = 1765 W/m2. oC   

For Rd = 0.003 

Rd = 
Uc−UD

UD∗Uc
 

UD = 280.38 W/m2. oC   

Since,  

Ucal− Uass  

Uass
 x 100 = 7 % < 30 % 

Acceptable design is achieved. 

Pressure drop: 

Shell side 

∆Ps = 8 x Jf x (
Ds

de
) (

L

LB
)

ρµ2

2
(

µ

µw
)−0.14                                     

 

From figure, Jf = 0.007 

= 8 x 0.007 x (
0.9314

0.021
)(

3.066

0.467
)(997) (

 485.5

997
)2 

 

∆Ps = 88.25 Pa  

Tube side  

∆Pt = Np [8 x Jh x (
L

di
) (

µ

µw
)−m + 2.5] x 

ρut
2

2
                         

= 2[8 x 0.0038 x (121.84) + 2.5] x 
12.7  (8.531)2

2
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∆Pt = 5863 Pa  

7.2.3 E-5 (Shell and Tube Heat Exchanger) 

 

Water (Shell side):                                                                     Process gas (Tube side): 

K = 0.6108 W/m.oC                                                                      K = 0.1408 W/m.oC 

µ = 8.9 x 10-4 Ns/m2                                                                      µ = 1.236 x 10-5 Ns/m2 

Cp = 4.312 kJ/kg. oC                                                                      Cp = 3.913 kJ/kg. oC   

ρ = 1000 kg/m3                                                                              ṁ = 20.61 kg/s 

ṁ = 79.36 kg/s                                                                               ρ = 12.1kg/m3 

 

 

Thi = 105oC ; Tho = 36 oC 

Tci = 60 oC ; Tco = 70 oC 

Heat duty: 

Q = ṁ x Cp x ∆T                                                                             

   = 20.61 x 3.913 x 69 

   = 3566 kW 

Flow rate of Water: 

Q = ṁ x Cp x ∆T  → ṁ = 
𝑄

Cp x ∆T 
 

ṁ = 
3566 

4.312 x 10 
 

ṁ = 79.36 kg/s 

Log Mean Temperature Difference (LMTD): 

LMTD = 
∆T2− ∆T1

ln (
∆T2

∆T1
)

                                                   ∆T2 = Temperature difference of hot 

fluids    
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                                                                                 ∆T1 = Temperature difference of cold 

fluids                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                        

LMTD = 
69− 10

ln (69/10)
 

LMTD = 29.40 oC 

R = 
𝑇1− 𝑇2

𝑡2− 𝑡1
                                                                    

S = 
𝑡2− 𝑡1

𝑡1− 𝑡1
                                                                    

R = 
105−36

70−60
  = 6.9 

S = 
70−60

105−60
 = 0.22 

From graph, 1 shell and 2 tube passes 

Ft = 0.96 

So, corrected LMTD (∆t) = 0.96 x29.40= 28.22 oC 

From figure, U = 300 W/m2 oC  

A = 
3566

300 x 28.22
 = 271m2 

0.019m Outer diameter and 0.016m Internal diameter – BWG 17 

Length of tube = L = 6.096 

Area of tube =  π x6.096x0.019 = 0.3637 m2 

Number of tubes required = 
271

0.3637
 = 745 tubes 

Bundle diameter = Db = d.( 
𝑁𝑠

𝐾
)0.25 = 0.714 mm    

From graph Clearance = 0.092                      

Shell diameter = 0.714 +0.092 = 0.806m 

Shell side co-efficient 

Baffle spacing (lB) = 0.5 x Ds = 0.403 m                                         

Pt = 1.25 x do = 0.02375m 
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As = 
(Pt− d0) x Ds

Pt 
   change 

As = 0.1612 m2 

Mass velocity (Ga) =   
ω

A𝑠
  = 

79.37

0.1612
 = 492.301 kg/m2s        

De = 
1.10

d0
 (Pt2 – 0.917d02) 

De = 0.0134 

Reb = 8302 

 

From figure, Jh = 0.0003  

Pr = 
µ x Cp

K
 = 1.49 

ℎ𝑜

𝜃𝑠
 = 

𝐽ℎ x Re x Pr0.33 x Kf 

De
  = 1281 W/m2. oC           𝜃𝑠 = 1          (6.26) 

 ℎ𝑜 = 1281 W/m2. oC                                      

Tube side co-efficient 

Tube cross section area= 
π

4
di2  

= 0.000201 m2                                                                                                               

Tube per pass = 
745

2
 = 372.56 tubes 

Total flow area = 372.57 x 0.000201 = 0.074574 m2 

Mass velocity (Ga) =   
ω

A
   =   

20.61

0.03744
 = 276 kg/m2s   

u =  
276

12.1
 = 22.802 m/s 

Re= 
Di x Ga

µ
  = 357267.18 

Pr = 
µ x Cp

K
 = 

1.22x10−5( 3.967x10−3) 

0.1454
 = 0.3418 

L/d = 381 

From figure, heat transfer factor (Jh) = 0.0035 
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ℎ𝑖

𝜃𝑡
 =  

𝐽ℎ x Re x Pr0.33 x Kf 

di
 =  7721 W/m2.oC 

ℎ𝑖

𝜃𝑡
 = 7721 W/m2.oC 

Mean Wall Temperature 𝜽𝒕:                                               

(
µ

µ𝑤
) 0.14 = 1 

hi = 7721 W/m2.oC 

Overall Co-efficient:                

 ℎ𝑖𝑜 = ℎ𝑖  x 
ID

OD
 = 7721 x 

0.016

0.019
    

 ℎ𝑖𝑜 =6501 W/m2. oC   

 Uc = 
hio x ho

hio+ ho
 = 1124 W/m2. oC   

For Rd = 0.003 from table  

Rd = 
Uc−UD

UD∗Uc
 

UD = 312 W/m2. oC   

Since,  

Ucal− Uass  

Uass
 x 100 = 14.3 % < 30 % 

Acceptable design 

Pressure drop: 

Shell side 

∆Ps = 8 x Jf x (
Ds

de
) (

L

LB
)

ρµ2

2
(

µ

µw
)−0.14                                     

From figure, Jf = 0.003 

= 8 x 0.003 x (
0.806

0.034
)(

6.096

0.403
)(

(997) x  492

997
)2 

∆Ps = 5301 Pa  

Tube side  
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∆Pt = Np [8 x Jh x (
L

di
) (

µ

µw
)−m + 2.5] x 

ρut
2

2
                         

= 2[8 x 0.0035 x (381) + 2.5] x 
12.7  (22)2

2
 

∆Pt = 77117 Pa  

7.2.4 E-3 (Shell and Tube Heat Exchanger) 

 

Water (Shell side):                                                               Process gas (Tube side): 

K = 0.6108 W/m.oC                                                                    K = 0.1408 W/m.oC 

µ = 8.9 x 10-4 Ns/m2                                                                   µ = 1.236 x 10-5 Ns/m2 

Cp = 4.312 kJ/kg. oC                                                                   Cp = 3.913 kJ/kg. oC   

ρ = 1000 kg/m3                                                                          ṁ = 22.3  kg/s 

ṁ = 67.86 kg/s                                                                           ρ = 12.1kg/m3 

 

Thi = 328oC ; Tho = 203 oC 

Tci = 30 oC ; Tco = 77 oC 

Heat duty: 

Q = ṁ x Cp x ∆T                                                                             

    = 67.86 x 3.913 x 45 

    = 15000 kW 

Flow rate of Water 

Q = ṁ x Cp x ∆T  → ṁ = 
𝑄

Cp x ∆T 
 

ṁ = 
15000 

4.312 x 45 
 

ṁ = 67.86 kg/s 
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Log Mean Temperature Difference (LMTD): 

LMTD = 
∆T2− ∆T1

ln (
∆T2

∆T1
)

                                                   ∆T2 = Temperature difference of hot 

fluids    

                                                                                 ∆T1 = Temperature difference of cold 

fluids                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                        

LMTD = 
125− 45

ln (125/45)
 

LMTD = 78.30 oC 

R = 
𝑇1− 𝑇2

𝑡2− 𝑡1
                                                                    

S = 
𝑡2− 𝑡1

𝑡1− 𝑡1
                                                                    

R = 
328−203

75−30
  = 2.77 

S = 
75−30

328−30
 = 0.15 

From graph, 1 shell and 2 tube passes 

Ft = 0.98 

So, corrected LMTD (∆t) = 0.96 x78.03= 77.281 oC 

U = 300 W/m2 oC from above table 

A = 
1500000

300 x 77.22
 = 646.98m2 

0.003m Outer diameter and 0.025m Internal diameter – BWG 17 

Length of tube = L = 3.66 

Area of tube =  π x3.66x0.03= 0.345 m2 

Number of tubes required = 
646.98

0..345
 =1875 tubes 

Bundle diameter = Db = d.( 
𝑁𝑠

𝐾
)0.25 = 1.72 m    

From graph Clearance = 0.95                     

Shell diameter = 1.72 +0.95 = 2.76m 
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Shell side co-efficient: 

Baffle spacing (lB) = 0.5 x Ds = 1.335 m                                         

Pt = 1.25 x do = 0.0375m 

As = 
(Pt− d0) x Ds

Pt 
   change 

As = 0.534 m2 

Mass velocity (Ga) =   
ω

A𝑠
  = 

22.5412

0.534
 = 127 kg/m2s        

De = 
1.10

d0
 (Pt2 – 0.917d02) 

De = 0.02123 

Reb = 3039 

From figure, Jh = 0.0007  

Pr = 
µ x Cp

K
 = 0.00621 

ℎ𝑜

𝜃𝑠
 = 

𝐽ℎ x Re x Pr0.33 x Kf 

De
  = 9155.38 W/m2. oC           𝜃𝑠 = 1           

  ℎ𝑜 =9155.38 W/m2. oC                                      

Tube side co-efficient: 

Tube cross section area= 
π

4
di2  

= 0.0005 m2                                                                                                               

Tube per pass = 
1875

2
 =937.56 tubes 

Total flow area = 937.56 x 0.0005 = 0.4687 m2 

Mass velocity (Ga) =   
ω

A
   =   

52.19

0.467
 = 111.35kg/m2s   

u =  
52.196

12.6
 = 73.7 m/s 

Re= 
Di x Ga

µ
  = 1360000 

Pr = 
µ x Cp

K
  = 0.0556 
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L/d = 146 

 

From figure, heat transfer factor (Jh) = 0.0035 

ℎ𝑖

𝜃𝑡
 =  

𝐽ℎ x Re x Pr0.33 x Kf 

di
 =  3680 W/m2.oC 

ℎ𝑖

𝜃𝑡
 = 3680 W/m2.oC 

Mean Wall Temperature  𝜽𝒕:                                                  

(
µ

µ𝑤
) 0.14 = 1 

hi = 3680 W/m2.oC 

Overall coefficient: 

ℎ𝑖𝑜 = ℎ𝑖  x 
ID

OD
 = 3680 x 

0.025

0.03
    

 ℎ𝑖𝑜 = 3066 W/m2. oC   

 Uc = 
hio x ho

hio+ ho
 = 2297 W/m2. oC   

For Rd = 0.003 from table  

Rd = 
Uc−UD

UD∗Uc
 

UD = 291 W/m2. oC   

Since,  

Ucal− Uass  

Uass
 x 100 = 3,06 % < 30 % 

Acceptable design 

Pressure drop: 

Shell side 

∆Ps = 8 x Jf x (
Ds

de
) (

L

LB
)

ρµ2

2
(

µ

µw
)−0.14                                     

 

From figure, Jf = 0.005 
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= 8 x 0.005 x (
2.67

0.0213
)(

3.66

1.335
)(

1000) x  492

1000
)2 

∆Ps = 27000 Pa  

Tube side  

∆Pt = Np [8 x Jh x (
L

di
) (

µ

µw
)−m + 2.5] x 

ρut
2

2
                         

= 2[8 x 0.0017 x (146) + 2.5] x 
8.11  (13.72)2

2
 

∆Pt = 68.5k Pa  

7.2.5 E-10 (Shell and Tube Heat Exchanger) 

 

Process Gas (Shell side):                                                                       Process gas (Tube 

side): 

K = 0.1452 W/m.oC                                                                                  K = 0.1408 W/m.oC 

µ = 1.204 x 10-5 Ns/m2                                                                            µ = 1.236 x 10-5 

Ns/m2 

Cp = 4.312 kJ/kg. oC                                                                                 Cp = 3.913 kJ/kg. oC   

ρ = 8.1 kg/m3                                                                                            ρ = 12.1kg/m3 

 

Thi = 346oC ; Tho = 223 oC 

Tci = 44 oC ; Tco = 164 oC 

Heat duty: 

Q = ṁ x Cp x ∆T                                                                             

= 31.9 x 3.913 x 123 

= 11900 kW 

Log Mean Temperature Difference (LMTD): 

LMTD = 
∆T2− ∆T1

ln (
∆T2

∆T1
)

                                                   ∆T2 = Temperature difference of hot 

fluids    
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                                                                                 ∆T1 = Temperature difference of cold 

fluids                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                        

LMTD = 
123− 120

ln (123/120)
 

LMTD = 121.49 oC 

R = 
𝑇1− 𝑇2

𝑡2− 𝑡1
                                                                    

S = 
𝑡2− 𝑡1

𝑡1− 𝑡1
                                                                    

R = 
346−223

164−44
  = 1.023 

S = 
164−44

346−44
 = 0.39 

From graph, 1 shell and 2 tube passes 

Ft = 0.96 

So, corrected LMTD (∆t) = 0.96 x121.49= 116.63 oC 

From figure, U = 300 W/m2 oC from above table 

A = 
1190000

300 x 116.22
 = 102.03m2 

0.025m Outer diameter and 0.022m Internal diameter – BWG 17 

Length of tube = L = 4m 

Area of tube =  π x4x0.025 = 0.191 m2 

Number of tubes required = 
102.03

0.19
 = 534 tubes 

Bundle diameter = Db = d.( 
𝑁𝑠

𝐾
)0.25 = 0.8074 mm    

From graph Clearance = 0.089                      

 

Shell diameter = 0.8074 +0.089 = 0.8969m 

Shell side co-efficient: 

Baffle spacing (lB) = 0.5 x Ds = 0.445 m                                         
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Pt = 1.25 x do = 0.031255m 

As = 
(Pt− d0) x Ds

Pt 
   change 

As = 0.178 m2 

Mass velocity (Ga) =   
ω

A𝑠
  = 

85

0.179
 = 477kg/m2s        

De = 
1.10

d0
 (Pt2 – 0.917d02) 

De = 0.0177 

Reb = 4036 

From figure, Jh = 0.0021  

Pr = 
µ x Cp

K
 = 0.0031 

ℎ𝑜

𝜃𝑠
 = 

𝐽ℎ x Re x Pr0.33 x Kf 

De
  = 1449 W/m2. oC           𝜃𝑠 = 1           

  ℎ𝑜 = 1449 W/m2. oC                                      

Tube side co-efficient: 

Tube cross section area= 
π

4
di2 = 0.00038 m2                                                                                                               

Tube per pass = 
534

2
 = 267 tubes 

Total flow area = 267 x 0.00038 = 0.1014m2 

Mass velocity (Ga) =   
ω

A
   =   

130.35

0.1014
 = 128.5 kg/m2s   

u =  
27128,56

8.11
 = 15.802 m/s 

Re= 
Di x Ga

µ
  = 13523 

Pr = 
µ x Cp

K
 = 0.0035 

L/d = 181 

From figure, heat transfer factor (Jh) = 0.0035 
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ℎ𝑖

𝜃𝑡
 =  

𝐽ℎ x Re x Pr0.33 x Kf 

di
 = 6869 W/m2.oC 

ℎ𝑖

𝜃𝑡
 = 6869 W/m2.oC 

 Mean Wall Temperature 𝜽𝒕:                                                   

(
µ

µ𝑤
) 0.14 = 1 

hi = 6869W/m2.oC 

Overall Co-efficient                     

ℎ𝑖𝑜 = ℎ𝑖  x 
ID

OD
 = 6869 x 

0.022

0.025
    

ℎ𝑖𝑜 = 6044 W/m2. oC   

Uc = 
hio x ho

hio+ ho
 = 1168 W/m2. oC   

For Rd = 0.003 from table  

Rd = 
Uc−UD

UD∗Uc
 

UD = 259 W/m2. oC   

Since,  

Ucal− Uass  

Uass
 x 100 = 13 % < 30 % 

Acceptable design 

Pressure drop 

Shell side 

∆Ps = 8 x Jf x (
Ds

de
) (

L

LB
)

ρµ2

2
(

µ

µw
)−0.14                                     

From figure, Jf = 0.0021 

= 8 x 0.003 x (
0.025

0.0177
)(

4

0.45
)(

(9.1) x  5.8

2
)2 

∆Ps = 29.01k Pa  

Tube side  
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∆Pt = Np [8 x Jh x (
L

di
) (

µ

µw
)−m + 2.5] x 

ρut
2

2
                         

= 2[8 x 0.04 x (181) + 2.5] x 
8.1  (15.8)2

2
 

∆Pt =68.8k Pa  

 

 

 

 

 

 

 

 

 

 

 

 

  



87 
 

CHAPTER 8 

COSTING AND HAZOP ANALYSIS 

Costing is very important because after efficiency it is the economics that matter 

in designing a plant. The design Engineer must be able to make quick, fast costing 

estimates to decide between different processes and to choose between them. 

Chemical plants are made to build profits, so it is very important to do cost analysis 

before any plant can be placed.  For calculating cost of reactors in plant following 

table was used: 

` Table 32 Costing Index table 

 

8.1 Costing of Reactors: 

8.1.1 Primary Reformer: 

Qavg= 65800lcal/hr 
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Qavg= 7652241W/m2 

C = 540 n = 0.77 From Table  

Ce= CQn 

Ce = (540) (765241)0.77 

Ce= $ 3111128 

Cost of Catalyst = $ 450/ft2 

Vc = 31.8m3 

Total Cost of catalyst = $6221731.9 

Total Cost of primary reformer = $ 3111128 + $ 6221731.9 

Total Cost of primary reformer = $ 3733302 

8.1.2 Secondary Reformer: 

Weight of catalyst = 32568 kg 

Vc = 30.43 m3 

VR = 48.64 m3 

Cost of catalyst = $ 373/ft3  

Total cost of catalyst = Cc x Vc 

Total cost of catalyst = $ 493495 

C = 540  n = 0.77 Q = 1.19x105 kW 

Ce = CQn 

Ce = $ 4370840 

Total cost of Secondary Reformer = $ 4864335 

8.1.3 High Temperature Shift: 

Weight of catalyst = 66289.7 kg 

Cost of catalyst = $ 21/kg 

Total cost of catalyst = $ 1403425.59 
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Vc = 87.22 m3  

Ce = CQn 

Q = Vr = 87.22 m 3 

C = 31000    n = 0.40 From Table 

Total cost of HTS = $ 1588611 

8.1.4 Low Temperature Shift: 

Weight of catalyst = 91288 kg 

Cost of catalyst = $ 32/kg 

Total cost of catalyst = $ 2921216 

Vc = 87.22 m3  

Ce = CQn 

Q = Vr = 111.67 m 3 

C = 31000    n = 0.45 From Table 

Cost of reactor = $ 258781.4 

Total Cost of LTS = $ 31999.7 

8.1.5 Methanator: 

Weight of catalyst = 68426 kg 

Cost of catalyst = $ 15/kg 

Total cost of catalyst = $ 936392 

Ce = CQn 

Q = Vr = 48.68 m 3 

C = 15000    n = 0.45 From Table 

Cost of reactor = $ 86181 

Total Cost of methanator = $ 1022574 



90 
 

8.1.6 Ammonia Reactor: 

Weight of catalyst = 31535.47 kg 

 Cost of catalyst = $ 43/kg 

Total cost of catalyst = $ 1356068 

Vc = 25.2 m3 

Ce = CQn 

Q = Vr = 60.54 m 3 

C = 15000    n = 0.45 From Table 

Cost of reactor = $ 5869420.9 

Total Cost of Ammonia reactor = $ 6005488 

8.2 Costing of Furnace: 

Q = 2.77 x 105 kW 

C = 560 n = 0.77 

Ce = 560 x (2.77 x 106)0.77 

Cost of furnace = $ 8687552 
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8.3 Costing of Heat Exchangers: 

For costing of Heat Exchangers, the first step is to know the area of heat exchanger. 

By knowing the area, material of shell and tubes, pressure of heat exchanger and 

type of head of heat exchanger we can calculate the cost of heat exchanger in 2004 

by using these graphs.  We need calculate cost of heat exchanger for the 2020. For 

this purpose, graph (B) is used.  

By using this formula, we can calculate the cost of heat exchanger in 2020.  

Figure 29 index graph (A) for costing of exchangers 

Figure 28 Cost indexing graph (B) 
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                                     Cost in 2020 = (Cost in 2004) (Index in 2020) 

                                                                                  (Index in 2004) 

8.3.1 Exchanger E-1 

Area = 336m2 

Cost in 2004 = (Bare cost from figure) x (Pres. Factor) x (T.F) 

Carbon steel shell and carbon steel tubes From Figure 

Cost in 2004= (50,000) x (1.3) x (1) = $65000  

Index in 2004 = 111 From Figure  

Index in 2020 = 167 

Cost in 2020 = (Cost in 2004) (Index in 2020) 

                                       Index in 2004 

Cost in 2020 = $97792 

8.3.2 Exchanger E-2 

Area = 133m2 

Cost in 2004 = (Bare cost from figure) x (Pres. Factor) x (T.F) 

Carbon steel shell and stainless-steel tubes From Figure 

Cost in 2004= (60,000) x (1.25) x (0.85) = $63750 

Index in 2004 = 111   From Figure  

Index in 2020 = 167 

Cost in 2020 = (Cost in 2004) (Index in 2020) 

                                       Index in 2004 

Cost in 2020 = $ 959125 

8.3.3 Exchanger E-3  

Area = 646m2 

Cost in 2004 = (Bare cost from figure) x (Pres. Factor) x (T.F) 
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Carbon steel shell and carbon steel tubes From Figure 

Cost in 2004= (105000) x (1.3) x (1) = $136500 

Index in 2004 = 111 From Figure  

Index in 2020 = 167 

Cost in 2020 = (Cost in 2004) (Index in 2020) 

                                       Index in 2004 

Cost in 2020 = $ 205346 

8.3.4 Exchanger E-4 

Area = 550 m2 

Cost in 2004 = (Bare cost from figure) x (Pres. Factor) x (T.F) 

Carbon steel shell and carbon steel tubes From Figure 

Cost in 2004= (105000) x (1.3) x (1) = $130000 

Index in 2004 = 111         From Figure  

Index in 2020 = 167 

Cost in 2020 = (Cost in 2004) (Index in 2020) 

                                       Index in 2004 

Cost in 2020 = $ 197363 

8.3.5 Exchanger E-5 

Area = 271 m2 

Cost in 2004 = (Bare cost from figure) x (Pres. Factor) x (T.F) 

Carbon steel shell and carbon steel tubes From Figure 

Cost in 2004= (105000) x (1.3) x (1) = $104000 

Index in 2004 = 111         From Figure  

Index in 2020 = 167 

Cost in 2020 = (Cost in 2004) (Index in 2020) 
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                                       Index in 2004 

Cost in 2020 = $ 156468 

Similarly, the cost of remaining heat exchangers is calculated and given in 

the table below. 

 

 

8.4 Costing of Compressors: 

For the costing of compressors, we need to know about the capacity of 

compressor. By using graph below with known capacity, we can calculate the 

purchased cost in 1998.  

Exchangers Cost 

E-6 ($)215144 

E-7 ($)195585 

E-8 ($)219055 

E-9 ($)234702 

E-10 ($)244481 

E-11 ($)260349 

E-12 ($)215144 

E-13 ($)191673 

Figure 30 Compressor Costing graph 

Table 33 Heat Exchangers Costs 
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After calculating the purchase cost, we can find the cost index in 1998 and 2020. 

 

 

Using this formula, we the find the cost of compressor in 2020. 

                                    Cost in 2020 = (Cost in 1998) (Index in 2020) 

                                                                            Index in 1998 

8.4.1 Compressor C1: 

Power = 1.36 MW 

Capacity = 28439 ft3/min 

Cost of compressor in 1998 = $1500000 From Figure 

Cost in 2020 = (Cost in 1998) (Index in 2020) 

                                       Index in 1998 

 

Cost index in 1998 = 5920 From Figure 

Cost index today = 6288  

Cost in 2020 = 1500000 x 6288/5920 

Cost in 2020 = $1593243 

Figure 31 Compressors Cost Index 
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8.4.2 Compressor C2: 

Power = 8.48 MW 

Capacity =177331 ft3/min 

Cost of compressor in 1998 = $8000000 From Figure 

Cost in 2020 = (Cost in 1998) (Index in 2020) 

                                       Index in 1998 

 

Cost index in 1998 = 5920 From Figure 

Cost index today = 6288  

Cost in 2020 =    8000000 x 6288/5920 

Cost in 2020 = $ 8497297 

8.4.3 Compressor C:3 

Power = 4.60 MW 

Capacity = 98285 ft3/min 

Cost of compressor in 1998 = $ 500000 From Figure 

Cost in 2020 = (Cost in 1998) (Index in 2020) 

                                       Index in 1998 

 

Cost index in 1998 = 5920 From Figure 

Cost index today = 6288  

Cost in 2020 = 500000 x 6288/5920 

Cost in 2020 = $ 5310810 

8.4.4 Compressor C4: 

Power = 9.9 MW 

Capacity = 207026 ft3/min 
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Cost of compressor in 1998 = $ 11000000 From Figure 

Cost in 2020 = (Cost in 1998) (Index in 2020) 

                                       Index in 1998 

 

Cost index in 1998 = 5920 From Figure 

Cost index today = 6288  

Cost in 2020 = 11000000 x 6288/5920 

Cost in 2020 = $ 1163783.78 

8.4.5 Compressor C5: 

Power = 7.03 MW 

Capacity = 147218 ft3/min 

Cost of compressor in 1998 = $ 7000000 From Figure 

Cost in 2020 = (Cost in 1998) (Index in 2020) 

                                       Index in 1998 

 

Cost index in 1998 = 5920 From Figure 

Cost index today = 6288  

Cost in 2020 = 7000000 x 6288/5920 

Cost in 2020 = $ 7435135 
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8.6 Total Cost: 

 

                                                                 Table 34 Physical Cost of Plant 

Figure 32 Capital cost estimation factors list 

Figure 33 Summary of production cost 
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Table 35 Fixed capital Cost of the plant 
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Table 36 Fixed Operating Cost of the Plant 

 

VARIABLE OPERATING COST 

Items Cost ($ Million) 

Raw Material .8 

Shipping and packaging Negligible 

Variable Operating Cost (VOC) .8 

Table 37 Variable Operating Cost of the plant 

 

 

 

 

 

 

 

Table 38 Total operating cost of the plant 

 

 

FIXED OPERATING COST 

Items Cost ($ Million) 

Maintenance 32.9 

Capital Charges 45.8 

Plant Overhead 9.2 

Local Taxes 4.5 

Royalties 4.5 

Fixed Operating Cost (FOC) 96.5 

TOTAL OPERATING COST 

Items Cost ($ Million) 

Direct Production Cost 97.29 

Sales Expense  

19.5 General Overheads 

Research & Development 

Total Operating Cost 116.3 
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Table 39 Revenue and profits 

8.7 HAZOP Analysis: 

HAZOP analysis stands for hazard and operability analysis.  This safety analysis 

finds its application in identifying potential risks and hazards surrounding an 

industrial process.  HAZOP analysis deals to minimize accidents at plants that can 

lead to undesirable products. Following are the goals achieved by HAZOP hazard 

analysis: 

1. Identification of hazard. 

2. Extent of the damage. 

3. Guidelines to solve the problem. 

8.7.1 HAZOP Guide Words: 

HAZOP utilizes a set of Guide words that identify probable deviations that can 

occur during a chemical process. These guide words prove their worth by allowing 

a systematic and consistent procedure through brainstorming. Some of these 

guide words which are selected by the risk management teams and are used for 

hazard management are as follows: 

 

Sr. 

No. 

Guide Word  Meaning  

1 NO or NOT Complete contradiction of original design 

2 LESS Decrease quantitatively  

3 MORE Increase quantitatively 

4 AS WELL AS Qualitative enhancement 

REVENUE & NET PROFIT 

Cost of Urea $ 27/kg 

Per annum Urea Production 724 e+06 kg 

Revenue $145 Million 

Net Profit $ 32 Million 
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5 REVERSE Opposite to the original design 

6 OTHER 

THAN/INSTEAD 

Entire design 

7 PART OF Qualitative modification/decrease  

Table 40 HAZOP guide words 

8.7.2 HAZOP Analysis of heat exchanger: 

 

Table 41 HAZOP analysis of heat exchanger 
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8.7.3 HAZOP analysis of secondary reformer: 

 

GUIDE 

WORDS 

DEVIATIONS CAUSES CONSEQUNCES ACTIONS 

NO 

  

No Flow of 

reactant 

 

Feed Line 

valve is closed 

No reaction 

takes place 

Open Valve To 

Allow Reactant 

into the reactor 

Feed Line is 

blocked 

No reactant 

enters the 

reactor 

Clear Blockage in 

feedline 

Less 

  

  

  

Less Flow of 

Reactant 

Feed Line is 

loose. 

Reactants falls 

out from field 

line before 

entering reactor 

Join/Repair and 

seal Feed line. 

Less 

Temperature 

Fuel Line is 

loose. 

Incomplete 

Combustion will 

take place. 

Repair and seal 

fuel line 

Less 

Pressure 

Opening of 

PCV. 

Required 

conversion is not 

achieved. 

Install pressure 

Control Loop. 

Less 

Residence 

Time 

Valve Opening 

Malfunction 

Less optimum 

yield 

Periodic 

maintenance or 

check up on the 

valve 

More 

  

More 

Pressure 

Compressor 

Control 

Failure 

Reactor operate 

at high 

Temperature 

than required. 

Trigger automatic 

Shutdown. 
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More 

Temperature 

Very high 

amount of fuel 

and air flow 

inside the 

reactor. 

Damage catalyst 

and equipment 

inside the 

reactor 

Equip reactor 

system with fail 

open or fail close 

valve system. 

As well as Another 

Material 

beside Fuel. 

Contamination 

of fuel storage 

tank. 

Inadequate 

Combustion in 

reactor. 

Check 

Composition of 

fuel in storage 

tank 

Table 42 HAZOP analysis of secondary reformer 
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CHAPTER 9 

INTRUMENTATION AND PROCESS CONTROL 

Instrumentation is termed as the use of measuring instruments to look and control 

a process variable such as level, pressure, flow, temperature, speed. The process 

control is an emerging field of study in engineering which deals with designing of 

algorithms and devices for maintaining the output of a specific process with a 

required range. In process control, control loops and controllers are used to 

regulate a chemical process and improve effectiveness of the process [17]. 

Controller is a tool that collects data from a measurement device, contrasts that 

statistical information to a predetermined set point, and, if needed, suggests a 

control component to take remedial act. Following are the type of process 

variables: 

1. Measured/controlled Variable-is the situation of the process fluid that 

must be kept at the specified set point. 

2. Manipulated Variable- The factor that is changed to keep the process 

variable at set point. 

Set point is the value for a process variable which is to be retained at a constant 

value. 

9.1 Control loop and its components: 

A control loop is the base on which the architect of process control systems that 

are applied in the industry. Physically a control loop consists of all the elements 

that are necessary to control and adjust the set point of the controlled variable. 

Following are the components of the control loop: 

1. Sensors- Device that can access the changes in condition and it is the first 

thing to measure the variable process in control loop. 

2. Transducer- Device that translates a mechanical signal into an electrical 

signal. 

3. Converters or relay- The conversion of one signal to another signal from a 

device  

4. Transmitters- The conversion of reading from sensor to a signal. 
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5. Signals which are pneumatic, analog or digital. 

6. Indicators-It is a device which is readable by humans and can show 

information like pressure gauge. 

7. Records- To record the output from a device. 

9.2 Control loop Applied on heat exchanger: 

Temperature control loop is applied on the heat exchangers in order to maintain 

the temperature of the process gas outlet. The control loop applied is based on 

feedback mechanism in which the action of the system is based on the output of 

the process. 

Manipulated Variable: Cooling water Flow rate 

Controlled Variable: Temperature of process gas 

TIT: Temperature Indicator Transmitter 

TRC: Temperature Recorder Controller 

TY: Temperature Relay 

TCV: Temperature Control Valve 

  

9.3 Control Loops applied on Secondary Reformer: 

Following control loops were applied on the secondary reformer in order to 

maintain the temperature of outlet of the process stream and to maintain the 

pressure of the reactor. 

 

Figure 34 PID of Exchanger 
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Manipulated Variable Controlled Variable 
Flue Gases Flow rate Reactor Pressure 

Flow Rate of Fuel Process Stream Outlet Temperature 
Flow Rate of Air Flow Rate Fuel In 

Table 43 Variable table 

 

 

PIT: Pressure Indicator Transmitter                                              

PCR: Pressure Controller Recorder 

PY: Pressure Relay 

PCV: Pressure Control Valve 

FIT: Flow Indicator Transmitter 

FCR: Flow Controller Recorder 

FV: Flow Relay 

FCV: Flow Control Valve 

Transfer functions were calculated according to the give calculations and the PID 

of the control loops was simulated using Simulink. The transfer calculations are 

given as follows with the Simulink simulation and its results. 

Figure 35 PID of reformer 
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9.4 Temperature Control Loop on Secondary Reformer 

9.4.1 Transfer Function Derivation: 

Apply energy balance on the Secondary Reformer: 

(Rate of flow of energy into tank) − (Rate of flow of energy out of tank) +

(Rate of flow of energy on from heat source) =

(Rate of energyaccumulation in tank)  

Connecting this energy balance in symbols results in: 

𝑤𝐶(𝑇𝑖 − 𝑇𝑟𝑒𝑓) − 𝑤𝐶(𝑇 − 𝑇𝑟𝑒𝑓) + 𝑞 = 𝜌𝑉𝐶
𝑑𝑇

𝑑𝑡
   − (1) 

Where Tref is the reference of temperature and C is the capacity of heat of the fluid. 

At steady state, dT/dt is zero, and (1) can be written as: 

𝑤𝐶(𝑇𝑖𝑠 − 𝑇𝑠) + 𝑞𝑠 = 0   − (2) 

Where subscript s has been used to indicate steady state. Subtracting Eq. (2) from 

Eq. (1) gives: 

𝑤𝐶(𝑇𝑖 − 𝑇𝑖𝑠) − 𝑤𝐶(𝑇 − 𝑇𝑠) + 𝑞 − 𝑞𝑠 = 𝜌𝑉𝐶
𝑑(𝑇 − 𝑇𝑠)

𝑑𝑡
   − (3) 

If we assume that Ti is constant (and so Ti = Tis) and introduce the deviation 

variables, 

𝑇′ = 𝑇 − 𝑇𝑠 

𝑄 = 𝑞 − 𝑞𝑠 

Eq. (3) becomes: 

−𝑤𝐶𝑇′ + 𝑄 = 𝜌𝑉𝐶
𝑑𝑇′

𝑑𝑡
  − (4) 

Taking Laplace transforms of Eq. (4) gives: 

−𝑤𝐶𝑇′(𝑠) + 𝑄(𝑠) = 𝜌𝑉𝐶𝑠𝑇′(𝑠)   − (5) 
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Rearranging Eq. (5) produces the following first-order transfer function relating 

T’(s) and Q(s): 

𝑇′(𝑠)

𝑄(𝑠)
=

1/𝑤𝐶

(
𝜌𝑉
𝑤 ) 𝑠 + 1

=
𝐾

𝜏𝑠 + 1
   − (6) 

9.4.2 Transfer Function for thermocouple: 

In order to derive it following assumptions are made:  

1.Only film around bulb provide resistance to heat transfer. 

2.Only mercury has thermal capacity and can attain uniform temperature 

instantly. 

3. No expansion or contraction of glass wall containing mercury will take place 

By applying unsteady-state energy balance, 

(𝐼𝑛𝑝𝑢𝑡 𝑟𝑎𝑡𝑒) − (𝑂𝑢𝑡𝑝𝑢𝑡 𝑟𝑎𝑡𝑒) = (𝑅𝑎𝑡𝑒 𝑜𝑓 𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑜𝑛) 

We will get: 

ℎ𝐴(𝑥 − 𝑦) − 0 = 𝑚𝐶
𝑑𝑦

𝑑𝑡
       − (7) 

In the equation above,  

A = surface area of the bulb 

C = heat capacity of mercury, 

m = Mass in pounds of Mercury. 

t = time in unit hour. 

h = heat transfer coefficient, Btu/(ft3*h*˚F) 

This equation states when the heat flows through any film of resistance 

surrounding a bulb internal energy (mercury) will increase. This increment in 

value of internal energy can also tell us about temperature changes as well as 

mercury’s expansion depicts thermometer reading. 
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Value of h always depends upon the flow rate and fluid characteristics in which it 

is present and also the dimensions of involving bulb, h is always constant for 

thermometer  

For steady state process: 

ℎ𝐴(𝑥𝑠 − 𝑦𝑠) = 0      − (8) 

 Difference of Equation 7 and 8 will give us 

ℎ𝐴{(𝑥 − 𝑥𝑠) − (𝑦 − 𝑦𝑠)} = 𝑚𝐶
𝑑(𝑦 − 𝑦𝑠)

𝑑𝑡
    − (9)    

 

X=(𝑥 − 𝑥𝑠) 

Y=(𝑦 − 𝑦𝑠) 

Then Eq 9 will now become 

ℎ𝐴(𝑋 − 𝑌) = 𝑚𝐶
𝑑𝑌

𝑑𝑡
        

Now, if  

𝜏 = 
𝑚𝐶

ℎ𝐴
 

Then 

(𝑋 − 𝑌) = 𝜏
𝑑𝑌

𝑑𝑡
    − (10) 

Taking Laplace of Eq 10 

                                                           X(s) – Y(s) = 𝜏𝑠 Y(s) 

By Rearranging, 

𝑌(𝑠)

𝑋(𝑠)
=

1

𝜏𝑠 + 1
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9.5 PID of Temperature control loop 

 

 

 

 

 

 

 

 

 

 

 

 

 

Data 

P=10 

I=3 

D=3 

For sensor, 𝜏 =0.5 

For system, 𝜏 =0.5 

Figure 36 temperature Control PID 
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Simulink Plot of Temperature control Loop 

 

 

 

 

 

 

 

  

Figure 37 Simulink Plot 
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CONCLUSION 

 

The feed comparison is as follows: 

 

 

From the feed comparison it is clear that number of moles of methane and ethane 

has increased on the other hand moles of nitrogen has decreased. 

Through the moles comparison and cost analysis it is found that using a mixture 

of RLNG (30%) and Mari gas (70%) as the feed stream in the pre-existing ammonia 

plant is feasible for profitable urea production. To conclude, the cost of urea 

produced by using the suggested methodology increases but as suggested by the 

material balance the amount of moles of ammonia and subsequently urea are also 

increasing due to increasing H:C ratio as proved by material balance. This 

increased production of Urea can increase the revenue and the company can still 

earn profits in the manageable range. Moreover, the RLNG which is to be imported 

from Qatar is subsidized by the Government of Pakistan to give incentives to the 

fertilizer companies. The subsidy on RLNG also helps improve the profits for FFC. 

The thermal demand of the process will also be augmented but within a bearable 

Mari Gas Feed 

Components Moles 

Nitrogen 337 

Carbon dioxide 149.73 

Methane 1494.5 

Ethane 3.75 

Propane 0 

Butane 0 

Total Moles 1984 

Table 44 Mixed feed composition 

Mari Gas (70%) and LNG (30%)  

Components Moles 

Nitrogen 235.85 

Carbon dioxide 104.52 

Methane 1604.68 

Ethane 29.617 

Propane 6.504 

Butane 2.471 

Total Moles 1984 

Table 45 Mari feed composition 
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range as evidenced by energy balance. This thermal energy demand can easily be 

managed as it is in a considerable rage. The increased moles of feed require the 

reactors to have more catalyst for good conversion. The usefulness of this study is 

in the fact that FFC will not require to change its whole operation rather few 

alterations to the plant can help them produce urea without big investments. The 

only adverse impact using a mixture of RLNG and Mari gas is the potential of coke 

formation due to the presence of propane and butane in the feed. Other alternative 

technologies like coal or biomass gasification will require FFC huge investments 

for new equipment and to setup a new plant. Our proposed solution will not only 

help FFC to continue produce urea at a steady pace but allows urea production to 

increase with minor changes to pre-existing plant equipment. 

 

 

  

Product Stream using Mari Gas 

Components Moles 

Nitrogen 6.03 

Methane 17.18 

Water 0 

Hydrogen 14.77 

Ammonia 2567 

Argon 2.99 

Total Moles 2607.97 

Product Stream Using Mixture 

Components Moles 

Nitrogen 1.17 

Methane 13.57 

Water 0 

Hydrogen 41.93 

Ammonia 2712 

Argon 4.27 

Total Moles 2774.44 

Table 46 Product composition using mixed feed Table 47 Product composition with Mari feed 
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